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Abstract 
 
Synthesis gas and clean hydrogen will become key components of the energy industry. 
Their production from fossil fuels is likely to be a major source of these energy vectors and 
chemical building blocks for many decades ahead. Currently all the hydrocarbon conversion 
steps are carried out above surface, starting from oil and gas extraction and transportation to 
dedicated plants, with any separated CO2 returned back to the fields. However, there are 
increasingly strong drivers to reduce the environmental impact of the oil processing industry, 
by e.g. minimising the “footprint” of such operations and leaving the undesirable and low-
value material underground (CO2, heavy metals, sulphur). One novel approach, which could 
be key, would be the production of syngas or hydrogen via downhole hydrothermal 
processing/partial oxidation. This envisages using the sub-surface well system as a 
continuous processing and reactor network to carry out as much as possible of the required 
separations and conversions in the well system (underground) or close to it (at the wellhead). 
The goal is to radically reduce, by design, the overall environmental footprint (by minimising 
the number of species extracted other than final products, the number of external processing 
steps and the need for transport to/from the underground fields) while improving the overall 
economics of new fields and increasing the efficiency of recovery from conventional, mature 
reservoirs. 
This thesis presents research work on the hydrothermal gasification and partial oxidation 
of n-hexadecane, as a heavy hydrocarbon model, under potential downhole conditions. 
Thermodynamic analysis was carried out to predict equilibrium limits showing optimum 
conditions for maximising the theoretical yield of hydrogen under oxidative and non-
oxidative hydrothermal conditions. This was followed by experimental analysis where 
hydrothermal gasification of n-hexadecane was conducted in high pressure flow reactor 
system. Conversion data at different residence times, and temperatures were used to 
determine the reaction kinetic data at sub- and supercritical water conditions. The new 
experimental system was modified for partial oxidation of n-hexadecane, to enable combined 
total decomposition of H2O2, in a separate reactor, with partial oxidation of n-hexadecane, in 
a gasification reactor. The experimental data were consolidated with the development of a 
new CFD model for supercritical water gasification of hexadecane, and it was also used to 
validate and tune our kinetic data obtained experimentally by taking into account the radial 
effects occurring from the laminar flow under the experimental conditions.  
Finally, a new subsurface georeactor system model was developed, using ASPEN 
HYSYS, which shows thermodynamically the optimal conditions for maximising the 
system’s energy efficiency showing potential conditions for maximising energy recovery 
with hydrogen cogeneration. These results are discussed with view of opening new routes for 
clean generation of hydrogen and synthesis gas via underground gasification of 
hydrocarbons.  
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fi Equilibrium molar production flowrate of product species i [kmole/hr] 
R Universal gas constant [kJ/kmol K] 
W/C Molar feed ratio of water to hexadecane [kmole h-1/kmole h-1] 
O/C Molar feed ratio of oxygen to hexadecane [kmole h-1/kmole h-1] 
CC16H34 Weight concentration of hexadecane (wt. %) 
T Temperature [oC] 
Tin Initial feed temperature [oC] 
TAD Adiabatic temperature [oC] 
P Pressure [bar] 
𝑦𝑖  Dry mole fraction of species i in the gas phase 
𝑇𝐶𝑖  Critical temperature of species i [
oC] 
𝑃𝐶𝑖  Critical pressure of species i [bar] 
𝑍 Compressibility factor 
𝑉𝐶𝑗 Critical volume of species i [m
3/kmol] 
Tc Critical temperature [oC] 
𝑃0 Initial pressure [bar] 
G Gibbs free energy [J/mol] 
𝐺𝑖
0 Initial Gibbs free energy [J/mol] 
𝑋𝑖 Mole fraction of species i in liquid phase 
b temperature-independent repulsion parameter [m3/kmol] 
𝑎 temperature-dependent attraction parameter [N m4/kmole2] 
m function of the acentric factor 
kij interaction coefficient between species i and j 
A dimensionless form of a for a mixture 
B dimensionless form of b for a mixture 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
CHAPTER 1 
Introduction 
The hydrogen economy is not a science fiction; it is scientifically and technically possible. However, to realise 
hydrogen economy many challenges need to be overcome including developing sustainable clean production 
processes, affordable utilisation technologies, establishing modern infrastructure for distribution and storage. 
Fossil fuels are currently the primary source of hydrogen production accounting for more 90% of total H2 
production process worldwide. To make fossil fuels a sustainable source for supplying of hydrogen new, cleaner 
and more innovative processes need to be developed to minimise the carbon footprint of conversion processes. 
This chapter explained how underground gasification of heavy oil, a major resource of fossil fuels, could act as 
a potential clean method for sustainable production of hydrogen worldwide enabling potentially effective 
exploitation of previously inaccessible resources. 
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 +\GURJHQ6\VWHPV
+\GURJHQ LV WKH FOHDQHVW DQG PRVW VXVWDLQDEOH HQHUJ\ FDUULHU DQG LW FDQ EH SURGXFHG
WKURXJKYDULRXVVRXUFHVRIHQHUJ\LQFOXGLQJIRVVLOIXHOV UHQHZDEOHRUQXFOHDUVRXUFHV7KLV
PDNHV K\GURJHQ D YHUVDWLOH HQHUJ\ FDUULHU RI HQHUJ\ IRU D ZLGH UDQJH RI DSSOLFDWLRQV
LQFOXGLQJLQGXVWULDOUHVLGHQWLDODQGWUDQVSRUWVHFWRUV'LIIHUHQWSURFHVVHVDUHXVHGWRSURGXFH
K\GURJHQRIZKLFKVWHDPUHIRUPLQJLVWKHPRVWFRPPRQRSWLRQDFFRXQWLQJIRUPRUHRI
FXUUHQW K\GURJHQ VXSSOLHV ZRUOGZLGH >@ (OHFWURO\VLV RI ZDWHU LV DQRWKHU SURFHVV ZKHUH
K\GURJHQ PD\ EH SURGXFHG E\ VXSSO\LQJ HQHUJ\ IURP UHQHZDEOH DQG QXFOHDU VRXUFHV RI
HQHUJ\ 3URGXFWLRQ RI K\GURJHQ WKURXJK WKH WKHUPRFKHPLFDO F\FOHV LV DQRWKHU DOWHUQDWLYH
SURFHVVUHTXLULQJYHU\KLJKWHPSHUDWXUHFRPPRQO\FDUULHGRXWWKURXJKWKHQXFOHDUVXOSKXU
LRGLQH F\FOH %LRPDVV LV DOVR D SRWHQWLDO VRXUFH WR SURGXFH K\GURJHQ YLD WKHUPRFKHPLFDO
FRQYHUVLRQ SURFHVVHV LQFOXGLQJ VWHDP UHIRUPLQJ DQG JDVLILFDWLRQ )LJXUH  VKRZV D
VFKHPDWLFRIK\GURJHQHQHUJ\V\VWHPVSURGXFHG IURPDYDULHW\RIHQHUJ\ VRXUFHV VKRZLQJ
KRZK\GURJHQHFRQRP\FRXOGEHDFKLHYHGLQWKHIXWXUH7KLVILJXUHLQGLFDWHVIRVVLOIXHOVZLOO
EHUHVSRQVLEOHDODUJHVKDUHRIK\GURJHQSURGXFWLRQLQDGGLWLRQWRHOHFWULFLW\SURGXFWLRQIRUD
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7KH IXWXUH RI K\GURJHQ V\VWHPV ZRXOG GHSHQG XSRQ ILQGLQJ D VXVWDLQDEOH PHWKRG IRU
K\GURJHQ DWRP UHFRYHU\ SURGXFWLRQ SURFHVVHV XWLOLVDWLRQ DQG WUDQVSRUWDWLRQ DQG VWRUDJH
LQIUDVWUXFWXUH +\GURJHQ V\VWHPV FRXOG SOD\ D NH\ UROH LQ WDFNOLQJ HQHUJ\ SRYHUW\ DQG
HQKDQFLQJJUHDWHUHQHUJ\DFFHVVWRUHPRWHDQGUXUDODUHDVWKURXJKUHIXHOOLQJVWDWLRQVZKHUH
K\GURJHQ LVJHQHUDWHGE\ HOHFWURO\VLVSRZHUHGE\ UHQHZDEOH VRXUFHVRI HQHUJ\7KLVFRXOG
PLQLPLVHGHSHQGDQWRQXVLQJQDWXUDOELRPDVVZKLFKHPLWV ODUJHDPRXQWVRI&2OHDGLQJWR
ERWKHQYLURQPHQWDODQGKHDOWKQHJDWLYHHIIHFWV$OWHUQDWLYHO\FOHDQSURGXFWLRQRIK\GURJHQ
IURPIRVVLOIXHOVZLWK&2FDSWXUHSURYLGHVDQRWKHUDQDOWHUQDWLYHFKDQQHOIRUDFFHVVLQJDQG
H[SORLWLQJHQHUJ\UHVRXUFHVLQERWKGHYHORSHGDQGGHYHORSLQJFRXQWULHV

 +HDY\2LODVD6RXUFHRI+\GURJHQ
+HDY\RLODFFRXQWVIRUPRVWRIWKHZRUOG¶VSURYHQK\GURFDUERQUHVHUYHVPDQ\RIZKLFK
UHPDLQV XQUHFRYHUDEOH DV VKRZQ LQ )LJXUH  7KHVH UHVRXUFHV DUH SRWHQWLDO VRXUFHV RI
HQHUJ\LI+\GURJHQWKHFOHDQHVWDQGPRVWVXVWDLQDEOHHQHUJ\FDUULHUFRXOGEHSURGXFHGIURP
WKHP7KLVSRWHQWLDOPD\ DOVR UHGXFH WKHHQYLURQPHQWDO LPSDFWE\ OHDYLQJXQGHVLUDEOH ORZ
YDOXHPDWHULDOV XQGHUJURXQGZKLFK DUH W\SLFDOO\ SURGXFHG LQ DERYH VXUIDFH SURFHVVLQJ RI
K\GURFDUERQV

)LJXUH6FKOXPEHUJHU:RUOGKHDY\RLOUHVHUYHVE\FRXQWU\UHSURGXFHGIURPUHIHUHQFH>@
7KHFRVWVRIRLOH[WUDFWLRQSXPSLQJDQGSURFHVVLQJWRFKHPLFDOSURFHVVLQJSODQWVZKLFK
FRXOG EH RI ELOOLRQV RI GROODUV PD\ DOVR EH VLJQLILFDQWO\ UHGXFHG WKURXJK GRZQKROH
K\GURWKHUPDOFRQYHUVLRQDQGXSJUDGLQJRIK\GURFDUERQV7KHFKDOOHQJHVDVVRFLDWHGZLWKWKLV
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process include high sulphur and heavy metals contents, which includes vanadium, nickel, 
and iron, which causes severe catalyst deactivation and pipe corrosion. The hydrothermal 
conversion of hydrocarbons underground is one novel method which could improve 
hydrogen production, and the economic potential of mature and new oil fields. This method 
involves the conversion of hydrocarbons using sub and supercritical water, which could be 
injected or naturally available, under downhole temperatures and pressures. Oxygen may also 
be injected to accelerate and heat the reaction through partial oxidation. The potential for 
underground hydrogen generation from fossil fuels was first suggested by Sir William 
Ramsey in 1868 as clean method of producing H2 and syngas from unmined coal resources in 
England [3]. However, it was not until the beginning of the 1980s when early interests arose 
in hydrogen generation from BP heavy oil resource in Alberta, Canada [4]. These interests 
were stimulated by the fact that abundant heavy and unrecoverable oil deposits exist in 
Canada which require huge quantities of hydrogen for in situ upgrading [5]. Underground 
processing of hydrocarbons involves the presence of sand, clay, rocks, heterogeneous 
geological formations, and moving oil deposits which add significant complication into the 
design of geo-reactors. These challenges require advanced studies of the reaction engineering 
and catalysis of hydrothermal reforming of hydrocarbons under downhole conditions coupled 
with economic evaluation before this technology can be commercially successful.  
 
Figure 1.3: Schematic of Underground Gasification Process (reproduced from reference [6]) 
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1.3. Hydrothermal Conversion Technology 
Since the 1970’s, the Hydrothermal Conversion Technology has been practiced as method 
of treating oil spill crisis coupled with interests in supercritical fluid investigation (Bruner, 
2009). Hydrothermal water (HTW) and supercritical water (SCW) that exist near and above 
(374 oC and 220 bar) have been of particular interests among the scientific community. These 
interests were driven by the special properties of water under sub and supercritical conditions. 
Savage [7-10] and Bruner [11] reviewed the organic reactions and catalysis in supercritical 
water. SCW has been a green solvent to many organic compounds due to the significant 
reduction of the water dielectric constant to < 5 at near and supercritical conditions. This 
reduction occurs as a result of distortions in the hydrogen bond at critical conditions [10]. The 
use of hydrothermal media has also been proposed to catalyse acid/base reactions as the 
concentration of dissociation ionic products (H+ and OH-) of near-supercritical water is about 
three times higher than those of normal water [8]. The properties of SCW, which include 
density, pH, dielectric constant, and solubility of gases, can be adjusted, by controlling the 
pressure and temperature, to enhance the reaction rate and selectivity. SCW can act as a 
solvent as its dielectric constant decreases with increasing temperature making it equal 
organic solvents including methanol, acetone, and hexane, as previously reported [12].  
Catalysts and highly reactive oxidants such as H2O2 or HNO3 are usually added to 
enhance the reaction rate and maximise the yield. The main applications of HTW/SCW 
reforming have fallen in three main categories; Waste Destruction, Chemical Synthesis, and 
Biomass Processing (including hydrocarbons) [10]. The advantages of ionic reactions of 
SCW over free radical reactions of pyrolysis include better diffusivity, selectivity, heat and 
mass transfer, single-phase reaction, and hydrogen donation. Recognising the potential of 
SCW also led to the formulation of many reaction mechanisms and rate laws of SCW 
conversion under different conditions which may be used for design and economic evaluation 
[13]. Catalysis in SCW has been practiced for hydrogenation, dehydrogenation, C-C bond 
formation, and oxidation reactions [9]. Catalysts used in hydrothermal reforming are typically 
conventional organic reforming catalysts such as Ni, Rh, and Mo-based catalysts. The need 
for designating specific hydrothermal reforming catalysts coupled with quantitative and 
qualitative analyses for different feedstocks, has been addressed by Savage [10]. On the other 
hand, the major obstacle of hydrothermal reforming has been the cost of pressure, corrosion-
resistant equipment. Materials used in the construction of SCW reforming equipment are 
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Stainless Steel, Titanium, Nickel-based, Ceramics, and Tantalum [11]. The selection of any 
of these materials depends on the operating conditions including pressure, temperature, and 
the chemical species present.  
1.4. Natural Hydrothermal Systems 
The Earth structure is composed of three zones; crust, mantle, and core. Oil reservoirs 
typically exist in the crust, within 7 km under the ocean basin and 20-65 km under the 
continent [14]. The initial average change of the temperature with increasing depth is 30 
oC/km, and it can be more than 100 oC in volcanically active regions. Natural hydrothermal 
systems exist underground and they produce hot water, steam as well containing fractions 
(0.2 - 0.3 g / 1kg steam) of noncondensable gases such as CH4, H2, H2S, and CO2 [14-15]. 
The presence of such gases indicates the occurrence of hydrothermal reforming of 
carbonaceous fuels underground. Depending on the depth and heat transfer properties, 
hydrothermal reservoirs are either water dominated or steam dominated [14].  Hydrothermal 
reservoirs have also been used a source of geothermal energy in many countries including 
France, USA, Italy and China [14].  
1.5. Introduction to Downhole Reforming Processes 
Hajdo et al [4] conducted early investigation to understand the chemical reactions 
responsible for downhole reforming and hydrogen generation during in situ combustion. 
Hydrogen generation was found to take place through four reactions; Aquathermolysis, 
Pyrolysis, Partial Oxidation (POX), Water Gas Shift (WGS), and CO2 reforming. The 
hydrogen yield from each process varies due to the variations in the reaction mechanism and 
processing conditions. These hydrogen generation reactions were also found to be succeeded 
by hydrogen consumption reactions; methanation and hydrogenation. Significant yield of H2 
was achieved by the POX, WGS and reforming reactions compared with aquathermolysis and 
pyrolysis whose H2 yields were negligible (< 1%) due to their low temperatures. The 
aquathermolysis of heavy oil involves the reaction between oil and steam at 200-320 oC, to 
produce syngas, carbon dioxide, methane, and hydrogen sulphide [16], while thermolysis or 
pyrolysis involves the anaerobic thermal cracking of heavy hydrocarbons by the heat of 
combustion to produce lighter hydrocarbons, hydrogen and syngas [17]. Other gases may 
include H2S or NH3 if sulphur or nitrogen is present in the hydrocarbons in addition to small 
fractions of Carbonyl Sulphide (COS) and Hydrogen Cyanide (HCN) depending on the 
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constituents of crude oil underground [18]. In addition, liquid products from the gasification 
of hydrocarbons may include lighter hydrocarbons, oxygenated fuels, and tar. High 
temperature conditions stimulate the occurrence of POX reactions increasing the yield of 
hydrogen, reducing coke deposition, and inhibiting methanation reactions [4]. On the other 
hand, high pressure conditions induce methanation and hydrogen consumption reactions [18]. 
Gasification of hydrocarbons may also remove metallic impurities such as Arsenic, 
Vanadium, Nickel, and Mercury, which are split between the ash and gas phases [18]. In the 
case of underground oil gasification, these impurities may be left underground, away from 
the production well, creating a very attractive clean process. Due to the incorporation of 
many reaction steps, such as partial oxidation and water gas shift reactions, during oil 
gasification, the selection of the catalyst may be more complicated than the case when a 
single reaction step is undertaken. Catalysts are selected depending on the targeted reaction to 
be catalysed. The following set of chemical equations briefly describes the reactions 
occurring in gasification of hydrocarbons [18]. 
Steam Reforming: CnHm + nH2O → nCO + (n + m/2) H2 
(for n = 1, ΔH◦298 K = +206.2 kJ/mol) 
(1.1) 
Partial Oxidation: CnHm + n/2 O2 → nCO + m/2 H2   
(for n = 1 ΔH◦298= -35.6 kJ/mol) 
(1.2) 
Water Gas Shift (WGS): CO + H2O → CO2 + H2  
(ΔH◦298 K = -41.2 kJ/mol) 
(1.3) 
Methanation: CO + 3H2 → CH4 + H2O 
(ΔH◦298K = -206.2 kJ/mol) 
 
(1.4) 
Carbon formation (Boudouard reaction): 2CO → C + CO2 
(ΔH◦298K = -169.4 kJ/mol) 
(1.5) 
CH4 → C + 2H2  
(ΔH◦298K = +74.9 kJ/mol) 
(1.6) 
CO2 reforming: CH4 + CO2 → 2CO + 2H2  
(ΔH◦298= +247.4 kJ/mol) 
(1.7) 
CO2 + H2 → CO + H2O  
(ΔH298 = 41.2 kJ/mol) 
(1.8) 
 
Recent developments were made by Mondal et al [19] who used Fe2O3 and CaO for 
oxygen transfer and CO2 removal respectively, according to equations (1.9-1.10). 
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CO + Fe2O3 → CO2 + 2FeO    
(ΔH1073K = -4.8 kJ/mol) 
(1.9) 
CaO + CO2 → CaCO3  
(ΔH1073K = -167.6 kJ/mol) 
(1.10) 
The use of CaO alone maximises the yield and purity of H2, which can be very desirable 
for hydrogen fuel cells, while the use of FeO3 alone may have the opposite effects [18]. The 
equilibrium constants (Kp) for the CO2/steam reforming reactions tend to increase in value at 
higher temperatures 400-1000 oC (endothermic reactions), while the equilibrium constants for 
the WGS and methanation reactions tend to decrease at higher temperatures (exothermic 
reactions) [4]. The reactions of hydrogen production from hydrocarbons were studied 
extensively in the literature. Recent professional reviews on hydrogen production include 
Rostrup-Nielsen [20], and Ross [21]. These reviews focused on above-surface hydrocarbon 
reforming processes, in terms of developing new novel catalysts for better conversion, carbon 
and sulphur tolerance, and CO2 mitigation.  
 
1.6. Summary 
In summary, hydrogen could be produced through a variety of resources including 
hydrocarbons, biomass, as well as water using nuclear or renewable energy. While the 
reactions to produce hydrogen from hydrocarbons are well established, their application 
under a downhole environment needs to be understood in order to enable design and 
modelling of georeactors for underground gasification of hydrocarbons. The use of sub and 
supercritical water techniques, which exists naturally, under downhole hydrothermal 
conditions could become a key approach for supplying significant production of hydrogen 
with reduced carbon footprint enabling a smoother shift towards the hydrogen economy. 
 
1.7. Aim and Objectives 
1.7.1. Aim 
The aim of this thesis is to develop a new reactor model for hydrothermal gasification of 
hydrocarbons while studying the effects of various operating parameters, in order to deliver 
better understanding of the conversion of hydrocarbons under potential downhole 
hydrothermal conditions.  
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1.7.2. Objectives 
 Review previous literature and analyse current gaps where further research is needed. 
 Design and construct high pressure equipment for continuous-flow conversion of 
hydrocarbons.  
 Conduct thermodynamic equilibrium analysis of water-hydrocarbon reactions under 
hydrothermal conditions.  
 Experimentally investigate water/hydrogen peroxide reactions with model hydrocarbons 
under hydrothermal conditions.  
 Analyse and quantify produced gas and liquid species, from the oil-water reactions, 
using GC-MS (liquid species), and Mass spectrometer (gas species).  
 Develop kinetic models for hydrothermal reactions and partial oxidation of 
hydrocarbons in continuous-flow for hydrogen generation. 
 Analyse process energy and gasification efficiency using developed thermodynamic 
models.  
 
1.8. Scope of Thesis 
This thesis investigates the production of H2 from heavy hydrocarbons under downhole 
hydrothermal conditions, in order to develop a new reactor model for hydrothermal 
generation of hydrogen. This includes establishing theoretical and experimental operating 
conditions, understanding effects of key experimental parameters on enhancing oil 
conversion and H2 yield, determining kinetic data, development of CFD reactor model using 
experimental data, and simulation of new subsurface for underground gasification of 
hydrocarbons. The details of thesis results are presented in five different chapters each of 
which addresses a particular part of this study. Combining the results obtained in each 
chapter was useful in producing a final conclusion presented in chapter 10 of this thesis.  
Chapter 4 presents the first set of results in this thesis reporting the details of 
thermodynamic analysis of hydrothermal gasification of n–hexadecane, as a heavy 
hydrocarbon model. This study was useful in establishing a basis for understanding the 
effects of various operating parameters on the yield of hydrogen and other gaseous species 
while determining the optimum conditions for maximising the theoretical yield of hydrogen 
and syngas.  Chapter 5 presents the experimental analysis of hydrothermal reforming of n-
hexadecane under nonoxidative conditions, based on optimum operating conditions 
determined in Chapter 4, which was studied for the first time under leading to significant 
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yields of hydrogen, and other gaseous species, without heterogeneous catalysts. Kinetic data 
for this conversion process were determined in order to be used for subsequent reactor 
modelling.  
This was followed then by the introduction of oxygen, in Chapter 6, in order to partially 
oxidise n-hexadecane in supercritical water to maximise gasification efficiency under lower 
operating temperatures. As a part of this study, the kinetics of hydrothermal decomposition of 
H2O2, which was used as an oxidant, was studied in order to establish and confirm conditions 
for total decomposition of H2O2 before partial oxidation of n-hexadecane in supercritical 
water. This study resulted in the development of a combined experimental reactor system for 
decomposition of H2O2 and partial oxidation of hexadecane in tubular flow reactors.  
In Chapter 7, a new CFD model for hydrothermal conversion of n-hexadecane was 
developed using COMSOL which takes into account radial mas transport effects occurring 
from laminar flow regimes occurring during the experimental conditions. This analysis was 
useful in accurate estimation of kinetic data compared with those data obtained using the 1st 
order plug flow reactor equation. The model was validated by comparing its results with 
experimental data which showed a good agreement. Finally Chapter 8 presents a news 
subsurface model, using Aspen HYSYS, which simulates underground gasification of 
hydrocarbons, using n-hexadecane as model, which showed conditions for maximising both 
gasification and energy efficiency of this process. This analysis extends the previous 
thermodynamic analysis, presented in Chapter 4, into more practical process assumptions. 
Chapter 9 presents a summary the thesis results drawing important conclusions and 
recommendations for future work. 
  
 
 
 
 
 
 
 
 
CHAPTER 2 
Literature Review 
Literature on hydrogen production has been abundant. Hydrogen production from hydrocarbons takes place via 
three main processes; steam reforming, partial oxidation, and autothermal reforming of hydrocarbons. Process 
selection is a function of feedstock availability, conversion requirements, and final application of hydrogen. 
Sulphur poisoning, and carbon formation represent a major challenge for catalyst developments for such 
conventional production processes. Hydrothermal reforming of hydrocarbons may take place, in absence of 
catalysts, under both oxidative and nonoxidative conditions leading to potentially more efficient production 
processes. The high capital costs for developing materials for hydrothermal reactors may be reduced by the 
introduction of underground gasification processes where the hydrothermal environment may exist under 
natural downhole conditions leading to potentially cheaper conversion processes. The literature presented in 
this chapter on previous reforming and conversion of hydrocarbons underground such as aquathermolysis, and 
in situ combustion, provides a key link between studies on developing hydrothermal reactors for above surface 
plants, and downhole hydrothermal georeactors for hydrogen and syngas generation, while analysing the gaps 
and future opportunities in this emerging field.  
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2.1. Conventional Hydrogen Production Technologies 
2.1.1. Steam Reforming  
a) Process Description  
Steam reforming of methane, Figure (2.1), is the most used process for commercial 
production of hydrogen [22]. It was first reported by Fischer and Tropsch [23] who 
successfully carried out a methane-steam reaction on group 8 metal catalysts [18]. Since then, 
the reaction between steam and hydrocarbons has been used as cheap and efficient method of 
producing hydrogen. Methane is the most used fuel for this process accounting for 50% of the 
total steam reforming processes worldwide due to reasonable cost of natural gas. In addition, 
methane is favoured due to the lower carbon formation compared with other heavier 
hydrocarbons [21]. It significantly reduces the plant size requirements compared with heavy 
hydrocarbon fuels [20]. The use of steam as a reforming agent generates substantial hydrogen 
yield with lower CO2 and CO yields compared with CO2 reforming. This is primarily due to 
the occurrence of the water gas shift (WGS) reaction between steam and CO. Hydrogen is 
separated by a pressure swing adsorption unit which maximises the purity of hydrogen. 
Alloyed tubular flow reactors are normally used for steam reforming at 750 - 900 oC and 24 
bar [24]. Alloying the reactor materials by using stainless steel or other appropriate materials 
is an important consideration for tolerating the processing conditions. Other considerations 
include the proper arrangement of the catalyst tubing and loading in order to maintain a 
uniform pressure drop, and hence, a uniform residence time distribution (RTD). One 
disadvantage of steam reforming processes is the large utilisation of energy due to the 
endothermic reaction between steam and hydrocarbons. This may reduce the process energy 
efficiency, and further development of this aspect is needed [18]. 
 
 
 
 
 
 
Figure 2.1: Linde Commercial production of H2 via steam reforming of hydrocarbons (reproduced from 
reference [25]) 
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b)  Reactions and Catalysis 
Steam reforming takes place via splitting of the hydrocarbon bond on the catalyst surface 
followed by a water gas shift reaction. Navarro et al [18] proposed a mechanism which 
suggests that both steam splitting and methane dehydrogenation take place on the nickel 
catalyst surface. Methane dehydrogenation continues from CH3 formation until a CH species 
is formed, which then reacts with adsorbed oxygen to form adsorbed carbon monoxide and 
hydrogen. The subsequent reactions add further complexities in controlling the reaction 
conditions and designing the optimum catalyst if hydrogen is the target product [18].  
A metal catalyst from group 8 to 10 is usually utilised to aid activating methane so that it 
is oxidised by steam under endothermic conditions to produce syngas. Ni-based catalysts are 
used due to their effective costs compared with other noble metal catalysts. The surface area 
of the catalyst is supported by certain metals, such as magnesium or alumina, in order to 
increase the catalyst activity and enhance its functionality. The kinetics of steam reforming of 
hydrocarbons strongly depends on the type of hydrocarbon fuel, the operating conditions, as 
well as the type of catalyst used. The ratio of H2 to CO may be controlled via steam to 
methane ratio, temperature, pressure, and the used catalyst. Reducing the ratio of methane to 
steam may achieve a complete conversion of methane, raising the syngas ratio from 1.5 to 
2.7, which reduces the carbon formation on the catalyst [26]. The reaction rate limiting step 
was studied by Beebe et al [27] who observed that nickel (110) is highly active for methane 
adsorption compared with nickel (111) and nickel (100). They proposed that the adsorption of 
methane is the rate limiting step of steam reforming. Additionally, it was found that the 
catalytic effectiveness of steam reformers is typically < 5% as a result of mass and heat 
transfer limitations [28]. 
Similar to methane, steam reforming of liquid hydrocarbons is usually carried out on a 
group 8 metal catalyst [18]. However, sulphur poisoning and carbon formation are commonly 
encountered during liquid fuel reforming. Furthermore, the reactivity of hydrocarbon liquids 
varies depending on their hydrogen to carbon ratios. For instance, long chain and cycloalkane 
liquid hydrocarbons are more reactive than methane due to their lower hydrogen to carbon 
ratios compared with methane. The reactivity of hydrocarbons increases as their molecular 
weight decreases and their branching increases.  
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2.1.2. Partial Oxidation 
a) Process Description  
The partial oxidation (POX) of hydrocarbons, equation (1.2) was significantly 
investigated during 1980s as method for producing clean hydrogen for automobile fuel cells 
[18]. It is an exothermic process requiring significantly less heat input than steam or CO2 
reforming. The exothermic heat rises as the oxygen molar fraction increases in the feed. This 
causes the outlet temperature of the reactor to be substantially higher the inlet temperature. It 
may be carried out with, or without, a catalyst depending on the operating temperature and 
pressure as well as the desirable conversion and yield. Similar to steam reforming, the 
formation of CO2, CO and H2O from POX causes another series of other reactions, which are 
CO2 reforming, steam reforming, hydrogenation, water gas shift, and methanation reactions. 
Figure (2.2) shows a descriptive block diagram of a typical commercial partial oxidation of 
hydrocarbons. The operating temperature is normally 1300-1500 oC, which maintains 
complete conversion, and minimises carbon or soot formation. The hot spot formation due to 
the exothermic heat is one disadvantage of this process. 
 
 
  
 
 
 
 
 
 
 
 
 
Figure2.2: Linde Commercial Partial Oxidation of Hydrocarbons (reproduced from reference [29]) 
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b) Reactions and Catalysis  
The major two discoveries in the field of POX were made by Hickman and Schmidt [30] 
and Dissanayake et al. [31]. Hickman and Schmidt [30] showed that POX of methane takes 
place directly, achieving a high selectivity for syngas, exceeding 90%, with almost 100% 
conversion of oxygen and methane in a low residence time of 1 ms, as shown in equation 2.1-
2.3. The proposed mechanism is that methane directly splits and adsorbs onto the active site. 
The resultant carbon atom reacts with adsorbed oxygen atom to form CO while the resultant 
hydrogen atom is desorbed as a hydrogen molecule. In other words, direct catalytic 
recombination between methane and oxygen molecules takes place in direct POX.  
CH4 → C(ads) + 4H(ads) (2.1) 
C(ads) + [O] → CO(ads) → CO (2.2) 
2H(ads) → H2 (2.3) 
 
Indirect POX was reported by Dissanayake et al [31] who proposed the mechanism of 
combustion and reforming during the POX of methane on Ni/Al2O3 catalyst. This achieved 
100% conversion of methane with 95% selectivity to CO and H2 at 673 oC. The variation in 
the operating temperature changes the catalyst composition and this affects the reaction 
mechanism. Similar catalysts to those used in steam reforming, which include Ni, Rh, and 
Pd-based catalysts, are used for catalytic POX to reduce the operating temperature. The 
effectiveness of catalysts was also found to be dependent on the particle size, and the support. 
Al2O3 supports in Ni catalysts, may act as bridge on which water molecule is adsorbed 
providing a source of oxygen during POX of methane [32]. For example, the carbon 
deposition on Ni/Al2O3 increases as the on-stream time increases, while this is not the case 
for Ni/La2O3 [33].  
Due to the demand of finding cheap sources of oxygen, the use of air as an oxidant of 
heavy petroleum components was investigated and found feasible in a Rh-monolith reactor 
[34-35]. O’Connor et al. [34] reported that decreasing the pore size from 20 to 80 ppi (pore 
per inch) had considerably enhanced the selectivity for syngas production (14% for H2 and 
8% for CO) from different heavy hydrocarbon fuels (cyclohexane, n-hexane and i-octane). 
This selectivity was improved even further by the inclusion of γ-Al2O3 washcoat into the α-
Al2O3 monolith which produced 9% additional H2 and 7% additional CO. Krummenacher et 
al, [35] used i-octane, n-decane and n-hexadecane to determine the effects of carbon to 
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oxygen (C/O) feed ratio on the product selectivity (S %) at different flowrates. The hydrogen 
yield was at its maximum (>80%) at a C/O ratio of around 0.65 and a constant feed flowrate 
of 4 SLPM (Standard Litre per Minute). The catalyst used was Rh-coated monolith at a short 
residence between 5 to 25 ms.  
This study was followed by a more complicated examination of partial oxidation of a 
mixture of heavy hydrocarbons (i-octane, n-octane, n-decane + n-hexadecane, n-decane + 
naphthalene) over the same catalyst [36]. The reactivity of i-octane was more than that of n-
octane, due to its branching, and it was found to be independent of the C/O feed ratio. 
Furthermore, the reactivity of n-decane was higher than n-hexadecane and it was found to be 
inversely proportional to C/O feed ratio. 
2.1.3. Autothermal Reforming 
In this type of reforming steam reacts with hydrocarbons in the presence of oxygen. The 
energy needed for steam reforming is provided by the exothermic heat of partial oxidation 
using air/O2. Thus, it requires less energy compared with steam reforming which makes it 
more favourable technology for reducing energy requirements, capital costs, reformer size 
while enhancing the syngas ratio for Fischer-Tropsch synthesis [37]. However, the cost of 
oxygen production can be significantly high, which requires finding cheaper sources of 
oxygen such as air instead of pure oxygen. Catalysts of autothermal reforming are similar to 
those used in partial oxidation and steam reforming may be utilised in autothermal reforming. 
There are increasing interests in using cheap and stable catalysts like perovskites oxides [38] 
or group 6 metal carbides [39]. Both investigations made use of low boiling point 
hydrocarbons (Jet fuels) and they focused on producing hydrogen for fuel cells utilisation. 
The thermal efficiency of autothermal reforming is comparable to partial oxidation at 60-75% 
[37]. Table (2.1) provides a brief comparison between the conventional technologies of H2 
production discussed above.  
Table 2.1: Summary of properties of conventional H2 production technologies  
Process Advantages Disadvantages 
Steam Reforming High H2 yield, No O2 
required 
Energy intensive, Limited 
mass and heat transfer 
Partial Oxidation Catalyst not required Less H2 yield, High 
temperatures 
Autothermal Reforming Less energy intensive 
than SR 
Higher H2 yield than 
POX 
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2.1.1. Challenges in Reforming Catalysis 
a) Sulphur Poisoning 
The presence of sulphur during gasification of liquid hydrocarbons inevitably results in 
catalyst poisoning and loss of its activity. This makes reforming of hydrocarbon liquids 
relatively more complicated than reforming of methane. The design of reforming catalysts is 
very important in improving the catalysts activity, dispersion, stability, conversion, and 
resistance to carbon and sulphur. Designing is carried by doping, supporting or promoting the 
catalysts with various suitable metals. Sulphur is commonly present in hydrocarbon fuels at a 
concentration between 10 - 50 ppm and it causes severe deactivation to the reforming catalyst 
as a result of the formation of stable metal sulphides [18]. Strohm et al [40] compared the 
desulphurisation of jet fuel containing 20 ppm of sulphur during steam reforming over Rh 
and Rh-Ni catalysts supported by CeO2-Al2O3. Introducing 10% Ni into Rh catalysts revealed 
higher sulphur resistance due to the close interaction between Ni and Rh which protects Rh 
from sulphur. This protection was assumed to take place by either a direct reaction between 
Ni and sulphur or transfer of sulphur from the Rh metal to Ni. Similarly, the addition of metal 
oxides (CuO) into the Rh catalysts on ceria supports showed more sulphur tolerance and 
better hydrogen yield even at a high sulphur concentration between 50 - 1000 ppm [41]. This 
was attributed to the increase in the catalyst surface area which enhances the dispersion of 
metal over the catalyst to yield more hydrogen. The removal of sulphur species by the oxide 
was assumed to enhance the catalyst sulphur-stability. Additionally, Azad et al [42] 
investigated the sulphur effects on Pd catalysts supported by cerium oxides and compared 
them with Rh-based catalysts. Pd catalysts also showed more stability and sulphur tolerance 
when metal oxides were added due to the nanoscale doping of their cerium supports which 
improved the catalyst dispersion. 
b) Carbon Formation 
Carbon formation on the catalyst surface is a very common problem encountered during 
the reforming of hydrocarbons. It takes place mainly by the decomposition of CO and CH4, 
as shown in equations (2.4 -2.5) [18]. Carbon is formed as filaments which can block the 
catalyst active sites and prevent its activity. To reduce carbon formation, the reactions 
producing carbon are balanced by carbon consumption reactions (equations 2.6 and 2.7) 
based on appropriate reactor design, feed ratios, and operating conditions [18]. Steam ratio is 
maintained in excess (2.5/1) to reduce carbon formation during steam reforming operations.  
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2CO → C + CO2    ΔH◦298K = – 172.5 kJ/mol   (2.4) 
CH4 → C + 2H2   ΔH◦298K = 74.9 kJ/mol   (2.5) 
C + CO2 → 2 CO   (2.6) 
C + H2O → CO + H2   (2.7) 
  
Catalysts are frequently promoted by metals such as silica, or magnesium to reduce 
carbon formation by modifying the catalyst composition. Although noble metals (Ru), are 
more effective in activating C-C and C-H bonds than Ni-based catalysts, they are not 
economically as efficient as Ni-catalysts [18]. Nonetheless, the problem with Ni-based 
catalysts is their higher susceptibility for carbon formation compared with noble metals. Two 
common approaches of promoting catalysts were adopted to resolve this problem. The first 
approach is controlling the number of active sites by increasing the adsorption of H2O on the 
active sites [18]. This can be achieved by promoting the catalysts via the introduction of some 
alkali metals (MgO or K) into the catalyst support which improves eliminating the 
dissociated methane species (CHx) and controls the rate of methane dehydrogenation. The 
second approach deals with the prevention of carbide formation by adding alloyed metals or 
penta-valent metallic catalysts with good interaction with Ni 3d electrons [18]. For example, 
Lanthanide elements [43] or cerium oxides [44] were introduced into the catalyst supports in 
order to improve the catalytic activity and stability, and to reduce carbon formation. The 
introduction of Lanthanide metals was particularly useful in limiting the formation of carbon 
and Ni crystallites, whereas, cerium oxides were efficient in carbon gasification due to better 
oxygen mobility on their surfaces.    
 
2.2. Hydrothermal Reforming of Fossil Fuels 
2.2.1. Hydrocarbons  
a) Light Hydrocarbons 
The investigation of non-catalytic supercritical water reforming of Jet fuel showed the 
potential of achieving on-site hydrogen generation using hydrocarbon liquid within the 
boiling range of diesel [45-46]. This process is being further developed in terms of scaling-up 
and long term operability which could make it a potential competitor of steam reforming. The 
composition of the gaseous product is significantly affected by the temperature and pressure 
of the system. Raising the reactor temperature and decreasing the pressure was found to 
selectively increase the ratio of syngas compared with other gaseous species including CO2, 
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and CH4. On the other hand, raising the reactor pressure and reducing the temperature was 
found to decrease the syngas ratio and increase the ratio of other reforming products 
especially CO2. Increasing the pressure causes the water density to increase and this is the 
reason for the decrease in the gas yield. One advantage of SCW is overcoming the 
equilibrium condition barriers which maximises the yield of hydrogen, due to its insolubility 
in supercritical water, via the conversion of CO through the water gas shift reaction [18]. A 
similar investigation was carried out by Susanti et al [47] who studied the gasification of iso-
octane in SCW in a continuous flow system operating at 600 - 680 oC and 250 bar. Increasing 
the residence time from 6 s to 33.3 s was found to increase the hydrogen yield as well as the 
carbon gasification efficiency. On the other hand, increasing the temperature was found to 
increase the hydrogen yield without noticeable effects on the carbon gasification efficiency 
due to the increase of carbon formation. Moreover, they found that the hydrogen yield is four 
times higher when using a down-up reactor type in comparison with using a top-down reactor 
type used in their previous analysis [48]. This was ascribed to that sudden cooling of the top-
down reactor effluent which causes formed gases to flow upward back to reactor due to the 
decrease of their solubility in the cooled water. They also introduced a new reactor design in 
which the reactor is inclined by 75o from a vertical position allowing easier flow of fluids 
with gradual increase of temperature, and enhanced the free radical reaction in the cooling 
zone. 
b) Heavy Hydrocarbons 
Hydrothermal Reforming (HTR) of heavy hydrocarbons such as vacuum residues was 
investigated by many researchers such as Zhao et al [49], Cheng et al [50], Fujimoto et al 
[52]. Their aim was to provide better quality oil for Fluidised Catalytic Cracking (FCC) 
processing. Zhao et al [49] observed that increasing the reaction temperature from 420 - 460 
oC substantially decreases the heavy contents (resins, asphaltene, coke and aromatics) of 
vacuum residue and it increases the saturate contents and the overall oil quality. Increasing 
the reaction temperature and time showed higher coke contents and this was confirmed later 
by Cheng et al [50].  This reaction was carried out in a batch reactor with a reaction time up 
to 120 min at a pressure of 230 - 270 bar. Higher pressures were found to be beneficial for the 
ionic upgrading reactions due to the higher H+/OH- concentration, whereas, they were not 
favourable for the free radical reactions due to the cage effects. The reaction mechanism was 
proposed to be a combination of cleavage of C-S bond, which was proposed by Clark et al 
[51], and a thermally induced free radical reaction. Cheng et al [50] also conducted a similar 
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subsequent investigation, but with more analysis on the role of water in the reaction. The role 
of water as a solvent was explained by the IR analysis of the carboxyl group C=O and SEM 
imaging of coke formation. The IR analysis showed undetected C=O bond, at its typical 
absorption peak of 1700 cm-1, which indicated that the only source of hydrogen is the 
condensation reaction of coke formation and not the WGS reaction. In addition, the 
dispersion effects of water were proved by the SEM imaging of coke particles, 10-100 µm, 
and comparing coke formation in nitrogen and SCW media. Both analyses suggested the 
partial dilution of asphaltene and resin in SCW which is responsible for reducing coke 
formation due to mass transfer resistance between the oil-water emulsion phases.  
Catalytic hydrothermal reforming was investigated by Fujimoto et al [52] who compared 
different catalysts for the hydrogenation of hydrocarbons under hydrothermal conditions in a 
semi-batch system. The hydrogenation activity was in the order of Ni > Mo > Co > Cr > V > 
Cu > Fe > W > ß”-Al2O3~noncatalysts. The hydrogenation in this study was carried through 
addition of hydrogen into a SCW media. This was the initial method of hydrogenation of 
hydrocarbons in sub and supercritical water media. Later, Watanabe et al [53] showed that 
hydrogen can be provided in situ by the WGS reaction, through partial oxidation, for the 
hydrogenation of hydrocarbons in SCW. Subsequently, hydrothermal reforming of heavy 
hydrocarbons has been frequently carried out in the presence of oxygen to initiate the partial 
oxidation reaction. This increases the reaction rate, decreases the operating temperature, and 
increases the gas yield. For example, Watanabe et al [53] also showed that the catalytic POX 
of n-hexadecane in SCW may enhance the yield of H2, and reduce the yield of CO2 at a high 
water density of 0.52 g/cm3. This process also showed enhanced the quality of hydrocarbons 
produced via hydrocracking and hydrodesulphurisation reactions. The increase of water 
density, due to higher pressures, increased the yield of oil-phase reforming product 
(aldehydes, alcohols and ketones) at 400 oC.  
Another investigation was carried out by Onwudili and Williams [54] who showed that 
the major product of noncatalytic decomposition of hexadecane using hydrogen peroxide 
solution were carboxylic acids, ketones and aldehydes. However, while the aim of Watanabe  
et al [53] was to produce hydrogen and upgraded oil products through partial oxidation, the 
aim of Onwudili and Williams [54] was to achieve full decomposition of hydrocarbons 
though full oxidation in SCW to minimise the environmental impact of these materials. A 
couple of other investigations showed the SCW reforming and extraction of oil shale 
underground [55-56]. They observed that noncatalytic SCW had reacted with oil shale, to 
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produce upgraded oil products. Increasing the temperature (380 - 400 oC) and the reaction 
time (1.48 - 2.48 h) showed increased yields of decomposition products (alcohols, aldehydes 
and aromatic) and it reduced the asphaltene contents [55]. Hu et al [56] analysed the gaseous 
product of SCW reforming of the Huadian oil shale in a semi-batch reactor. The yields of 
both H2 and CH4 increased between 350 - 500 oC and 300 bar to 15 mL/g and 10 mL/g, 
respectively, while the yield of CO2 was the largest at 60 mL/g. Non-isothermal supercritical 
water was also found to achieve a slightly higher conversion (88 wt.%) than isothermal 
supercritical water (80 wt.%). Furthermore, SCW outperformed toluene as a solvent resulting 
in a better yield of reforming products [56]. 
2.2.2. Heterocycles 
a) Sulphur Compounds 
The fact that sulphur, nitrogen and metallic contents are removed during hydrothermal 
reforming was reported by Kawasaki et al (2002). This observation was also studied by 
Kishita et al [57-58]. They showed that decomposition of Benzothiophene (BT) and 
Dibenzothiophene (DBT) is enhanced by the use of alkali electrolytes in sub/supercritical 
water in batch reactor operating at 300 bar, 430 oC, reducing the DBT content to < 0.3 %. 
Recently, hydrothermal desulfurization has been mostly performed through partial oxidation 
in sub/supercritical water. The WGS following partial oxidation has also been found to 
produce more reactive hydrogen for hydroprocessing [59-60]. Sato et al [61] showed that 
desulphurisation of asphaltene in SCW is higher when partial oxidation is involved. They 
also emphasised the participation of the water’s hydrogen atom in the free radical reaction 
resulting from partial oxidation in SCW. On the other hand, Vogelaar et al [62] found that 
desulphurisation of hydrocarbons in SCW requires the use of an appropriate hydrogenating 
catalyst. In their study they compared the catalytic (CoMo/γ-Al2O3) and noncatalytic 
desulphurisation of gas oil, containing 0.8 wt.% of sulphur, in a batch system operating at 
400 oC and 250 bar, and a reaction time of 30 min. Their results show that complete removal 
of sulphur content can be achieved using catalytic hydrodesulphurization, while the sole use 
of SCW achieves only a limited removal of sulphur of around 10 wt.%. A more recent study 
by Yuan et al [63]  showed that partial oxidation in SCW could achieve a desulfurization of 
benzothiophene up to 67% using the same catalyst used by Vogelaar et al [62] (CoMo/γ-
Al2O3). The stability of the catalyst in SCW media was maintained by reducing the water to 
carbon (W/C) ratio. The conversion of benzothiophene was found to increase up to 80% with 
increasing the reaction time (5 - 60 minutes). The increase in conversion was also accelerated 
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sharply by raising the temperature from 673 - 723 K. The desulfurization pathway proposed 
by the authors is shown in Figure 2.3. The in situ hydrogen generation was found to be the 
limiting factor of the desulphurisation process.            
                                                                                            
                                                                                                                                                               
Hydrocarbon + O2 → CO/CO2/H2O/Oxygenated Hydrocarbons                 CO+H2O                      CO2+H          BT + H                    EB + H2S                                                                                                             
                                                                                                                                              
 
Figure 2.3: Reaction pathway for hydrodesulphurisation through POX in SCW [63] 
 
b) Metal Compounds 
Similar to sulphur, reducing the metallic contents of hydrocarbons has been of great 
interest among many researchers as an integral part of HTR of hydrocarbons. Vogelaar et al 
[62] investigated the catalytic and noncatalytic demetalisation of hydrocarbons in SCW using 
gas oil containing 15 ppmw Ni and 15 ppmw V. Similar to desulphurisation, the use of SCW 
only achieved a minor reduction of metal contents while the use of hydrogen and a catalyst in 
SCW achieved near complete in situ removal of sulphur and metals. Kokubo et al [64] 
reported a new method for the removal of metals from heavy oil with minimised coke 
formation. Based on their batch and semi-batch reactions they found that the produced gas 
and oil could be selectively extracted from maltene/asphaltene by the SCW at 250 bar, and 
400 - 470 oC. The yields of the gas and oil were directly proportional to the reaction time and 
temperature. Metallic concentration (vanadium) was found to increase as the asphaltene 
concentration increases. Similarly, Zhao et al [49] reported that the vanadium and nickel 
contents of vacuum residue were reduced by 83 and 86 %, respectively, at 420 oC 250 bar 
and W/C of 2:1 (wt) and a reaction time of 60 min.  
2.2.3. Coal 
Jin et al [65] and Zhang et al [66] studied the SCW gasification of coal in continuous flow 
reactors. The SCW gasification of coal in a flow-type reactor and the WGS are catalysed by 
the use of CaO and KOH at 500 - 650 oC and 200 - 300 bar [66]. Jin et al [65] supplemented 
his experimental investigation by a thermodynamic analysis of SCW-coal reaction using the 
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Gibbs reactor. Increasing fluidising velocity, increased the H2 yield at a fixed feeding 
velocity of coal slurry, whereas, it reduced the H2 yield at a fixed ratio of coal slurry feeding 
velocity to the fluidising velocity [65]. The yield of H2 was also enhanced by making use of 
CaO, partial oxidation [66] and the recycle of liquid residue [65]. Furthermore, increasing the 
water density due to higher pressures had no significant effect on the gasification of coal due 
to the higher products and volume expansion of gases [65].  
Table 2.1 provides a summary of the recently reviewed experimental work on 
hydrothermal conversion of fossil fuels under both oxidative and nonoxidative conditions. 
Such literature is useful in establishing a basis for future experimental work needed for 
further investigation under varying experimental conditions, reactor configurations, and 
feedstock specifications.  
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Table 2.2: Summary of major reviewed experimental work on hydrothermal reforming of Fossil Fuels  
 
Feedstock                     Conditions                     Reactor             Catalyst                       Reference 
JP-8 fuel 
iso-Octane 
BT/ DBT 
Vacuum Residue 
Vacuum Residue 
Vacuum Residue 
Paraffins/Aromatics 
DBT 
Hydrocarbons 
Heavy oil 
Oil shale 
Oil Shale 
Coal 
Lignite 
BT 
Hydrocarbons/Heterocycles 
DBT/BT 
Gas Oil 
Japanese oil              
22-33 MPa , 650 - 825 oC 
25 MPa ,601 - 676 oC 
25-450 oC 
25 MPa, 380 - 460 oC     
380-420 oC         
3-8 MPa, 693-733 K      
10.5-22.5 MPa, 300- 380 oC  
30 MPa , 673 K    
400 oC        
25 MPa , 400-470 oC        
15-30 MPa , 300-500 oC        
380-500 oC, 23-25 MPa      
23 - 27 MPa, 520-580 oC  
20-30 MPa, 500-650 oC 
673-723 K     
673 or 693 K 20-40 MPa    
300 bar, 430 oC     
400 oC, 250 bar     
370 - 410 oC, 25 - 49MPa    
Continuus Flow 
Continuus Flow 
Batch 
Batch 
Batch 
Batch 
Batch 
Batch 
Batch 
Batch 
Semi-Batch 
Batch 
Continuus Flow 
Continuus Flow 
Batch 
Batch 
Batch 
Batch 
Batch 
None 
None 
Alkali 
None 
None 
Ni, Mo,Co 
None 
NiMo/Al2O3               
NiMo/Al2O3               
None 
None 
None 
None 
None 
CoMo/γ-Al2O3 
NiMo/Al2O3 
Alkali 
CoMo/γ-Al2O3  
None   
Lee et al [46]  
Susanti et al [47] 
Kishita et al [57] 
Zhao et al [49] 
Cheng et al [50] 
Fujimoto et al [52] 
Onwudili & Williams [54] 
Adschiri et al [59] 
Arai et al [60] 
Kokubo et al [64] 
Hu et al [56] 
Elharfi et al [55] 
Jin et al [65] 
Zhang et al [66] 
Yuan et al [63] 
Watanabe et al [53] 
Kishita et al [58]   
Vogelaar et al [62] 
Tsuzuki et al [67] 
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2.2.4. Thermodynamic Studies and Systems Analysis 
Experimental work on reforming of hydrocarbons has to take into account thermodynamic 
consideration and equilibrium yields of gaseous species under varying scenarios. 
Thermodynamic analysis is useful at the early stage of process development in showing the 
maximum theoretical yields of gaseous species that may be attained through reforming 
processes under particular conditions. This analysis may then be used to optimise operating 
parameters, to consider catalysts development, and to maximise the process energy and 
gasification efficiency. Thermodynamic analysis of SCW gasification has been frequently 
carried out on various biomass model compounds [68-77] and light hydrocarbon models [47, 
78-80]. In addition to showing the optimum conditions for hydrogen yield, these studies were 
motivated by the potential of achieving a renewable and onsite production of hydrogen for 
portable fuel cell applications with mitigating the challenge of hydrogen storage. For 
instance, Tang and Kitagawa [69] developed a thermodynamic model, based on the Peng-
Robinson equation of state and direct minimisation of the Gibbs free energy to estimate the 
equilibrium yield during supercritical water gasification of biomass models including 
methanol, glucose and cellulose. Furthermore, Adhikari et al [71] and Authayanun et al [73] 
showed that increasing the water to carbon ratio increases the yield of hydrogen and 
minimises the yield of CO at high temperatures reforming of glycerol. Such modelling is 
essential for establishing the maximum theoretical yields of hydrogen, under certain 
conditions prior to practical experimentation, process design, and catalyst development. 
Despite the presence of some experimental work on steam reforming and SCW gasification 
of hydrocarbons, the thermodynamic analysis of SCW gasification of heavy hydrocarbons 
remains less investigated compared to biomass model compounds especially under 
hydrothermal conditions.  
Analysing the energy and gasification efficiency, through thermodynamic models, was 
also investigated by many previous studies [79, 81-83] which show the upper theoretical limit 
for the thermal efficiency which may be useful in process optimisation. For instance, Lutz et 
al [79, 83] reported that, the thermal efficiency decreases as the O/C increases due to the 
increased combustion of carbon feedstock compared with steam reforming. They defined the 
thermal efficiency as the ratio of energy output to energy input for a given system with 
defined boundaries. They showed that the thermal efficiency of steam reforming of heptane 
increases with increasing steam to carbon ratio with a slight decrease as the ratio exceeds 3.5. 
The increase on the oxygen to carbon ratio showed the opposite effect, during partial 
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oxidation, causing the thermal efficiency to decrease due to the increase of fuel consumption 
and decrease of hydrogen yield [79]. Prins et al [82] investigated on the effects of fuel 
composition comparing between coal and biomass gasification efficiency in terms of exergy 
losses which were found to increase when gasifying wood, at O/C of around 0.6, compared 
with gasifying coal at O/C of around 0.2. Withag et al [81] presented an ASPEN model for 
supercritical water gasification of biomass emphasising the importance of heat exchangers 
effectiveness for maximising thermal efficiency at a given biomass concentration. More 
Recently, Bhutto et al [84] reviewed the technical fundamentals and recent advances in 
underground coal gasification highlighting the importance of thermodynamic simulations as 
well as kinetic models to optimise downhole gasifiers. Furthermore, Afgan and Vezirlogu 
[85] also highlighted the key role of oil, with a low heating value of 7000 kJ/kg, as 
contributor to supplying efficient production of hydrogen with a reforming of efficiency of 34 
UScent/kgH2, which may be favourably compared to the oil market energy cost of 4 
UScent/kJ. These modelling studies form a good basis for further research in thermodynamic 
analysis of underground gasification of hydrocarbons.  
 
2.2.5. CFD Models 
Computational Fluid Dynamics (CFD) is another important tool for reactor design and 
modelling. Using kinetic data obtained through experimental analysis, CFD analysis may be 
used to develop reactor models for commercial scale up, while enabling multi-physics 
analysis through the investigation of various parameters including reactor dimensions, flow 
pattern, and temperature distribution. Many CFD models for reforming and oxidation of 
hydrocarbons were developed, and validated, reporting parametric effects of various 
operations parameters [86-95]. For instance, a CFD model for catalytic autothermal 
reforming of n-hexadecane showed the reforming efficiency and effects of catalytic substrate 
on the thermal conductivity on the reactor thermal profile [88]. Furthermore, Queiroz et al 
[95] have successfully modelled the oxidation of isopropanol in supercritical water in a 
hydrothermal flame. They found that the reaction rate peaks at a value of around 0.60 
kmol/m2.s, at an inlet temperature of 370 oC, and a residence time between 0 and 0.25 s.  
Xuan [89] integrated the kinetic data with CFD modelling while investigating the 
autothermal reforming of biogas. Their analysis was useful in showing that the presence of 
CO2 in the feedstock reduces the reformer efficiency due to the decrease in hydrogen yield. In 
addition, simultaneous analysis of mass transport, chemical reactions, and heat transfer, in the 
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porous domain, was useful in showing that the integration of membranes could enable higher 
yields of hydrogen while eliminating the problems of hot spots in the reformer.  
Wang and Yan [96] reviewed recent literature on CFD analysis of thermochemical 
conversion of biomass. They stated that although many CFD models are validated by 
experimental data, there is need for implementing more practical assumptions by the reported 
CFD models in order to make them more applicable for commercial applications. Bermejo et 
al., [86] reported the CFD analysis of a supercritical water oxidation in a transpiring reactor 
and they attributed inaccurate predictions of the model, compared with experimental data, to 
result from the effects simplification of thermal properties of fluids. Papakidis et al [92] 
studied the pyrolysis of biomass using CFD analysis drawing a direct relation between 
biomass conversion, and heat transfer at different reactor times. Enhanced heat transfer at 
different locations within the reactor showed enhanced conversion of feedstock. Furthermore, 
Yoshida and Yatsumaso [91] improved the experimental system by means of CFD analysis 
enabling them to gasify glucose at 4.9 wt% in supercritical water at an efficiency of 94%. 
 
2.3. Reservoir-Based Reforming of Fossil Fuels 
2.3.1.  Aquathermolysis 
One method of processing hydrocarbon reservoirs is the injection of steam for enhanced 
oil recovery (EOR) which is referred to as Aquathermolysis. This is a mature technology 
carried out in order to thermally reduce the oil viscosity and increase the production capacity 
of oil reservoirs. Currently, this method is frequently used to assist the recovery of heavy oil 
having an API density between 10 – 20 and tar sands with an API density < 10. It involves a 
combination of physical phenomena including vaporisation, steam distillation, visbreaking, 
rock and fluid expansion, compaction, and viscosity reduction [97]. Steam injection may be 
performed through different processes; cyclic steam injection, steam flooding, and steam 
assisted gravity drainage (SAGD). The selection of each mode depends on the reservoir 
characteristics and the targeted production capacity. The results reported by Hyne et al [16] 
showed that steam injection into hydrocarbon wells reduces the heavy oil viscosity not only 
thermally but also by the aquathermolytic chemical reaction between steam, oil, and 
minerals. Aquathermolysis was also found to produce a limited yield of hydrogen which 
causes additional upgrading [4].  
Different catalysts have been employed in aquathermolysis to improve viscosity 
reduction. Their efficiency was found to follow the following order minerals < water soluble 
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catalysts < oil soluble catalysts < dispersed catalysts [98]. The costs of these catalysts 
increase as the efficiency increases. Mineral catalysts (Al, Fe...etc) can be present naturally in 
the reservoir sands which showed higher efficacy than nickel and cobalt based catalysts [16]. 
Mineral catalyst containing VO2+, Ni2+, and Fe3+ in the ratio of 1:1:5, was reported to be 
effective in the presence of minerals causing significant reductions in heavy oil viscosity 
(86.3%) and molecular weight (< 40%) [99]. This was attributed to the adsorption of Ni2+ and 
VO2+ catalysts on the clay surface due to the negative charges of clay minerals. Ovalles et al., 
[100] emphasised that mineral formations may act as an upgrading catalyst, based on XPS 
analysis of the oil sand, which showed the active mineral composition in the oil sand as 10% 
Al, 40% Si and 0.6% Fe. Furthermore, they also reported that silica alumina was found to 
outperform Fe2O3 and SiO2 in terms of viscosity reduction due to its acidity. Increasing the 
residence time (up to 36 hr), catalytic minerals (10 wt %), temperature (240 oC) was found to 
not only significantly reduce the viscosity and molecular weight but it also increases saturates 
and aromatics contents and it decreases resins, asphaltene, and sulphur contents [101]. Other 
types of mineral catalysts, whose compositions were not revealed, were reported by Greaves 
et al. [102]. They investigated the potential of achieving hydrogen production with 
incremental oil recovery from light mature oil reservoirs having a pressure between 10 to 17 
MPa. Using a continuous flow system equipped with an online gas analyser, they reported the 
yield of H2, CO2, and CO at different feed ratios, catalyst loading rates, temperatures and 
pressures.  
Water soluble catalysts including Al3+, Ni2+, and Cu2+ ions have been tested and found 
very effective for the removal of thiophene and tetrahydrothiophene [51]. Fe(II) was found to 
be less effective than Ru for desulfurization and results in the formation of radicals by H 
transfer from the hydrocarbon to radicals that polymerises when H2 yield is low.  
Some recent work focused on finding effective ultra-dispersed catalysts for viscosity 
reduction and upgrading (reduction of asphaltene, sulphur contents) of crude oil underground 
through aquathermolytic cleavage of heteroatoms [103-104]. Nonetheless, most of these tests 
were under low pressure < 5 bar. For instance, the aquathermolysis of extra heavy oil using 
nano-keggin-K3PMo12O40 as a catalyst showed an efficient viscosity reduction up to 92.3% at 
280 oC and 3 bar, as a result of cracking of heavy compounds [103]. The resultant gas 
contained lower boiling point molecules including alkanes, phenols, and ethers. A similar 
result was achieved using H3PMo12O40 [104]. In both studies it was found that viscosity 
reduction takes place by the rupture of not only C-C bonds but also the C-O and C-S bonds.  
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2.3.2.  In Situ Combustion Reforming 
The in situ combustion (ISC) process is a well-established EOR technology where air is 
mostly injected into a heavy oil,  or deep light oil, reservoir to burn a small portion (≤ 10%) 
of the oil via an oxidation reactions [105]. The resulting temperature rise (300 - 650 oC) is 
used to mobilise heavy oil to a production well based on viscosity reduction, visbreaking, 
thermal cracking, fluid expansion, and compaction [97]. Each of these processes has a certain 
temperature range. Depending on the oxidation temperature, in situ combustion is classified 
into either low temperature oxidation (LTO) (< 400 oC), or high temperature oxidation 
(HTO) (400 – 650 oC). However, it has several disadvantages associated with pipe corrosion, 
which requires expensive materials, and the production of toxic gases such as CO and H2S 
[97]. High temperature oxidation (HTO) is mainly favourable during in situ combustion for 
IOR as it prevents blockage of the combustion front by preventing the formation of viscous 
oxygenated fuels resulting from LTO [105-106]. HTO also achieves full consumption of 
oxygen which displaces the oil by nitrogen flooding. The combustion front stably propagates 
generating heat and syngas which stimulates the oil mobility. Several parameters have to be 
controlled in order to maintain HTO or LTO reactions including the oxygen flux, and 
reservoir heat losses. These parameters are important to control the reaction rate, and 
exothermicity to the desirable requirements [107].  
Two new processes of in situ combustion have been developed recently; Toe to Heel Air 
Injection (THAI) and (CAPRI) [108]. Both processes which were innovatively designed to 
reduce the oil displacement distance underground from hundreds meters to a few metres 
[108]. The combustion may be affected by the flowrate of water whether it is ground water or 
steam condensate [109]. CAPRI is essentially similar to THAI, but it uses a downhole 
horizontal catalyst bed, in order to improve the recovery. Recently, THAI has been employed 
for not only enhancing the oil recovery but also improving its quality [109]. This approach 
may significantly reduce the refinery processing load as it achieves enhanced production and 
in situ reduction of nitrogen, sulphur compounds. THAI has been studied in detail during 
downhole processing of Lloydminster heavy oil [105]. A good production of upgraded oil 
was reported, showing an increase in the API density and a significant reduction in the oil 
viscosity. 
The potential of hydrogen generation via in situ combustion of a Canadian bitumen was 
reported [5]. This work investigated the pressure and temperature effects on maximising the 
hydrogen generation. The pressure effects were found to be less significant than the 
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temperature effects. This is because of the absence of water leaving the reaction unaffected 
by the increase of water density at higher pressures. They recommended that any process 
design for downhole hydrogen production will need to control the reservoir hydrostatic 
pressure, temperature and oxygen, or the application of an oxygen/steam cycle.  
Cheap in situ combustion catalysts such as salts [110] and organic iron [111] have also 
been considered for ISC processes. The introduction of water soluble metallic salts was found 
to enhance the combustion reactions through clay-ion exchange, generating more active sites 
[112]. Furthermore, ionic liquid containing iron salt catalysts also improved the oil quality by 
in situ reduction of sulphur (< 2.16 wt.%), and asphaltene (< 10.82 wt.%), and it also 
increased the mass fraction of distillable components (up to 70 wt.%) [112]. Other 
observations included the improvements of the API density, a sharp rise from 12.5 to 20, and 
a huge reduction in the oil kinematic viscosity.  
Different alumina-supported metal oxide catalysts had similar effects on enhancing the oil 
quality [113]. The catalytic activity of these catalysts showed a direct proportionality to the 
reactor residence time. Moore et al [114] investigated the potential of downhole upgrading of 
heavy oil using Ni and Mo catalysts which generated small fractions of H2 (< 3 mole %) left 
from hydrogenation reactions. Again, significant reductions in the sulphur contents, up to 70 
wt.%, as well as the viscosity and density were achieved. Moore et al [114] additionally 
stated that the application of downhole or near-wellbore upgrading of heavy oil is a very 
promising clean and economic technology which can be challenged by the costs of energy 
requirements, and stability of wells under high pressure steam conditions. Despite the use of a 
conventional catalyst bed, which frequently requires regeneration by air injection, a good oil-
catalyst contact was achieved as indicated by the yield of products [114]. In addition, the 
challenge of catalyst deactivation due to coke deposition was encountered during this process 
and the authors recommended a small scale combustion regeneration process via cyclic 
injection of oxygen or air through a production well that burns coke in short residence times 
[114].  
2.3.3. Underground Gasification Processes 
Underground gasification of fossil fuels is a promising technology for economic and 
environmentally benign production of hydrogen and syngas for power generation or chemical 
applications [115]. Many studies have been reported on the modelling of underground 
gasification of fossil fuels, particularly coal, showing that it is technically and economically 
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feasible capable of producing syngas with high heating values [82, 115-122]. Shaﬁrovich and 
Varma [6] provided a recent review on the technology status of Underground Coal 
Gasification (UCG) highlighting key interests of different parts of the World including China, 
Canada, India, and South Africa in making use of this technology for effective and more 
sustainable exploitation of their coal resources. They concluded that the UCG is a promising 
technology which could replace or supplement conventional coal gasification for syngas or 
power generation. These findings could stimulate interests in underground gasification for 
other types of conventional and unconventional fossil fuels including heavy oil and tar sands 
in countries where such resources exist. Several considerations were cited which have to be 
taken into account before selection of potential UCG sites which include ground water 
aquifer, reservoir depth, reservoir capacity, and land use restrictions. Ground water 
contamination in particular represents a major environmental risk before underground 
gasification could be implemented. In the case of coal, it was recommended that the site 
should have no overlying portable water aquifer within a distance of 25 times the coal height 
[123]. 
Previous research on underground gasification led to pilot projects demonstrating its 
feasibility in such locations as Queensland, Australia, and China [124]. However, research 
continues to develop new reactor concepts, tackle challenges of air flow channelling and 
develop new models for varying feed compositions. For example, an experimental study 
investigated the potential of enhancing the hydrogen yield from lignite during underground 
coal gasification [125]. A temperature of around 800 oC was found to provide the optimum 
H2 production rate. Ground water showed similar effects on simultaneous oxygen/steam 
injection in enhancing the rate of hydrogen production [125]. The concentration of H2 in the 
gas mixture product rises linearly as the water to coal ratio increases, reaching a maximum of 
around 41%. The water flux, which is governed by the strata permeability and hydrostatic 
pressure, may also be useful in controlling the reaction temperature to prevent reservoir 
fusing, and to maintain the overall gasification stability [125]. 
Combined generation of hydrogen/syngas and energy is another trend of underground 
gasification processes where further research is being carried out [126]. Nourouzi-Lavasani et 
al [126] analysed the energy efficiency and economics through IGCC with CO2 capture for 
power generation plants which could enable useful exploitation of Athabasca oil sands for 
hydrogen and energy production while reducing dependence on natural gas.  
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Combining underground gasification with carbon capture and storage is another area 
which continues to be under development [116]. Such new systems require additional 
simulation studies to optimise energy efficiency before this technology may compete with 
above surface gasifiers combined with CCS. Previous economic analysis showed that 
underground gasification could be competitive with surface gasification processes given the 
significant reduction in the capital costs of gasifiers and transportation of feedstock [127]. 
The potential for immediate re-injection of CO2 in depleted reservoirs during underground 
gasification also offers promising routes for combined gasification with CCS compared with 
above surface gasifiers which often requires long-distance transportation and compression of 
CO2 to potential storage sites.  
 
2.4. Conclusion and Future Opportunities 
Steam reforming of methane and other light hydrocarbons is the major process 
responsible for producing the largest share of hydrogen production worldwide. Other 
conventional production processes include partial oxidation and autothermal reforming where 
energy is supplied by the injection of oxygen. Hydrothermal gasification of hydrocarbons 
remains an area where more research is needed to support more innovative processes of 
hydrogen and syngas generation. Additional investigations of different heavy hydrocarbons, 
development of suitable catalysts, under various processing conditions are needed. This will 
also need to be complemented by qualitative and quantitative analyses aiming for modelling a 
safe and efficient reactor.  
The reforming of hydrocarbons underground has been mainly investigated through 
aquathermolysis and in situ combustion and not hydrothermal conditions, and where no 
hydrogen or syngas is produced. Nonetheless, such investigation may be extended by the 
application of hydrothermal reforming, which may potentially make significant contributions 
to underground gasification of crude oil. So far, underground gasification processes were 
mainly carried out on coal, with significantly less attention on the potential of converting 
heavy low grade hydrocarbons into clean energy carriers. This opens future research 
opportunities into exploring new and innovative processes on various types of 
unconventional hydrocarbons including heavy oil, tar sand, and bitumen which will open up 
new opportunities for exploitation of previously inaccessible untapped resources.  
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Academic research in this area should also be carried with industrial partnerships which 
accelerate technology transfer from scale into pilot scale and later to field trials and testing. 
Furthermore, underground gasification of hydrocarbons remains uncounted among the clean 
development policies which place greater emphasis on carbon capture and storage. Scientific 
outreach of underground gasification needs to be developed at the political and public levels 
in order to secure a leading position of this new and innovative technology on the agenda of 
clean developments.  
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CHAPTER 3 
Modelling, Experimentation, and 
Analysis 
 
This chapter explains modelling and experimental methods adopted while undertaking the research study. The 
modelling methods include developing thermodynamic models using Aspen HYSYS to study the equilibrium 
yields of gasification reactions under potential conditions. In addition, a new CFD model was developed for 
reactor modelling using COMSOL, which enabled modelling reaction rate, geometrical conversion, and heat 
transfer profiles. Moreover, a new experimental reactor system was designed and constructed to enable studying 
the hydrothermal conversion of hydrocarbons in a continuous flow mode at high pressures (150-250 bar) and 
high temperatures (400 – 700 oC). Analysis of experimental results was achieved through the use of Mass 
Spectrometer to analyse and quantify produced gaseous species, and also GCMS to analyse and quantify oil 
samples. UV-Vis spectroscopy was also used when studying the kinetics and hydrothermal decomposition of 
hydrogen peroxide. The details of how these modelling and experimental methods and analytical techniques 
were used, and challenges experienced are explained in this chapter.  
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3.1. Modelling Methods 
3.1.1. Thermodynamic Analysis  
Hexadecane was selected as a heavy saturated oil model compound and its hydrothermal 
gasification was investigated using the Gibbs reactor model embedded in ASPEN HYSYS 
V7.2. This model is based on the method of direct minimisation of Gibbs free energy, which 
may determine the equilibrium number of moles of reaction components at which the Gibbs 
free energy of a system is minimised. Using this method, ASPEN HYSYS provides two 
utilities for modelling reactions at equilibrium, which are the Gibbs reactor and the 
Equilibrium reactor. While the Gibbs reactor requires specifying the reaction components, the 
Equilibrium reactor requires specifying the correct stoichiometric data. These two methods 
are referred to as stoichiometric (Equilibrium reactor) and non-stoichiometric (Gibbs reactor) 
methods [1]. The equilibrium reactor was also employed to determine the chemical reactions 
(3.A-3.E) being manipulated by HYSYS and both methods provided similar solutions.  
 
C16H34 + 8 O2 = 16 CO + 17 H2 
ΔH (25oC) = -1395.85 kJ/mole  
(3.A) 
C16H34 + 16 H2O = 16 CO + 33 H2 
ΔH (25oC) = 2473.17 kJ/mole  
(3.B) 
C16H34 + 32 H2O = 16CO2 + 49 H2 
ΔH (25oC) = 1811 kJ/mole 
(3.C) 
CO + H2O = CO2 + H2 
ΔH (25oC) = -41.39 kJ/mole 
(3.D) 
CO + 3 H2 = CH4 + H2O 
ΔH (25oC) = -206.12 kJ/mole                                              
(3.E) 
The total Gibbs free energy of a system is given in previous reports [2-5] as shown in the 
following equations 3.1-3.18;  
𝐺 =∑𝑛𝑖𝜇𝑖       
𝑖=𝐾
𝑖
 
(3.1) 
 
                                                                     𝜇𝑖 = 𝑅𝑇 [ln (
∅𝑖𝑃
𝑃0
) + ln(𝑋𝑖) + 𝐺𝑖
0(𝑇, 𝑃0)]                                    (3.2) 
 
At equilibrium, G is minimum, at a certain temperature and pressure at equilibrium where 
ni must satisfy the constraints of conservation of mass and non-negativity (3.7 and 3.8);  
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∑ 𝛽𝑒𝑖𝑛𝑖 = 𝛽𝑒
𝑘
𝑖  (𝑒 = 1,2,3,…M) (3.3) 
 
0 ≤  ni ≤  niT (i = 1,2,3,…K) (3.4) 
 
The Peng-Robinson equation of state (2.9) was used to calculate the fugacity of non-ideal 
gases at high pressures. This equation has been utilised previously during SCW of biomass 
model compounds [2-4, 6].  
 
𝑃 =
𝑅𝑇
𝑣−𝑏
  - 𝑎(𝑇)
𝑣2+2𝑏𝑣−𝑏2
 (3.5) 
 
Where: 
𝑏 = 0.07780 
𝑅𝑇𝐶
𝑃𝐶
 
(3.6) 
 
𝑎(𝑇) = 𝑎(𝑇𝑐) [1 + 𝑚(1 −
𝑇
𝑇𝐶
)
0.5
]
2
 
(3.7) 
 
𝑎(𝑇𝐶) =
0.45724 (𝑅𝑇𝑐)
2
𝑃𝑐
 
(3.8) 
𝑚 = 0.37464 + 1.54226𝜔 − 0.26992𝜔2                                       (3.9) 
To account for the presence a mixture of compounds, the following Van der Waals 
formulae are applied 
𝑎𝑚 = ∑ ∑ 𝑥𝑗𝑥𝑖 
𝑁
𝑖=1
𝑁
𝑖=1 (𝑎𝑗𝑎𝑖)
0.5
(1 − 𝑘𝑖𝑗)   (3.10) 
𝑏𝑚 = ∑ 𝑏𝑖𝑥𝑖 
𝑁
𝑖=1      (3.11) 
The interaction parameter 𝑘𝑖𝑗 may be estimated using the following equation  
𝑘𝑖𝑗 = 1 −
8(𝑉𝐶𝑖𝑉𝐶𝑗)
1/2
(𝑉
𝐶𝑖
1
3+𝑉
𝐶𝑗
1
3 )3
              (3.12) 
After introducing the compressibility factor Z, the Peng-Robinson equation is rewritten as 
follows 
𝑍3 − (1 − 𝐵)𝑍2 + (𝐴 − 2𝐵 − 3𝐵2)𝑍 − (𝐴𝐵 − 𝐵2)𝑍 − (𝐴𝐵 − 𝐵2 − 𝐵3) = 0     (3.13) 
Where:  
𝐴 =  
𝑎𝑚(𝑇)𝑃
(𝑅𝑇)2
 
 
 
(3.14) 
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𝐵 =
𝑏𝑚𝑃
𝑅𝑇
 
(3.15) 
The partial fugacity coefficient ∅𝑖 is then calculated using the following mixing rule 
∅𝑖 =
1
𝑍
exp (
1
𝑅𝑇
∫ [
𝜕𝑃
𝜕𝑛𝑖
|𝑇, 𝑉, 𝑛𝑗(𝑗≠𝑖) −
𝑅𝑇
𝑉 ]𝑑𝑉)
∞
𝑉
 
(3.16) 
 
𝑙𝑛∅𝑖 =
𝑏𝑖
𝑏
(𝑍 − 1) − ln(𝑍 − 𝐵) −
𝐴
2𝐵√2
 ∗  (
 2∑ 𝑥𝑗𝑗 𝑎𝑖𝑗
𝑎𝑚
−
𝑏𝑖
𝑏
) ln (
𝑍 + (1 + √2)𝐵
𝑍 + (1 − √2)𝐵
) 
         
(3.17) 
 
 𝑎𝑖𝑗 = (𝑎𝑗𝑎𝑖)
0.5
(1 − 𝑘𝑖𝑗)   (3.18) 
 
The HYSYS Gibbs reactor performs the equilibrium calculations based upon specified 
parameters shown in Table 3.1, and the necessary physical and thermodynamic data including 
critical properties, Gibbs energy of formation are contained in the HYSYS library database of 
pure components. The specified operating parameters were selected as to show the 
equilibrium composition in the sub and supercritical water region.  
 
Table 3.1: Specified Operating Parameters  
Parameters Operating Range 
T [oC] 400-700 
P [bar] 100-250 
W/C 2-15 
O/C 2-15 
CC16H34 [wt.%] 10-50 
Tin [oC] 50-500 
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3.1.2 Computational Fluid Dynamics Modelling 
Based on the obtained experimental and kinetic data, a 2D axisymmetric CFD model was 
developed to model the momentum balance, and heat and mass transfer in a tubular flow 
reactor under the experimental conditions. This model has been useful in investigating the 
fluid velocity and temperature profile under different residence times, while showing the 
change in feed conversion at different regions within the tubular reactor. The use of the 
model was extended to tune the reaction rate constants (k), determined experimentally, in 
order to obtain the true kinetic data by taking into account the radial effects of laminar flow 
regimes. The results of this model were compared with experimental conversion data to 
confirm their validity. The CFD model was based on the following energy and mass balance 
equations which are automatically set up in COMSOL Multiphysics 4.3. 
Energy Balance: ∇. (−𝑘∇𝑇 + 𝑢𝜌𝐶𝑝𝑇) = ∆𝐻𝑅𝑥𝑅𝐴 (3.19) 
Mass Balance: ∇. (−𝐷𝑖∇𝑐𝑖) + u . ∇𝑐𝑖 = 𝑅𝑖 (3.20) 
     
In the energy balance equation (3.19),  𝑘  denotes the fluid’s thermal conductivity in 
(W/(m.K)), 𝐶𝑝 denotes the heat capacity in (J/kg.K), 𝜌 is the fluid density in (kg/m
3), and u is 
the velocity in (m/s). 
In the mass balance equation (3.20), 𝑐𝑖 is the concentration of species A (hexadecane) in 
(mol/m3), 𝐷𝑖 is the diffusion coefficient in (m
2/s), u is the flow velocity in (m/s), and 𝑅𝑖 is the 
reaction rate in (mol/m3.s).  
Figure (3.1a) shows a 2D axisymmetric drawing the tubular reactor with a length (L) of 
0.30 m (for non-oxidative experiments) and a radius (r) of 0.0027 m with a symmetry axis r = 
0. It was assumed that variations in angular direction around the centre line are negligible, to 
facilitate making use of a 2D axisymmetric model. Different boundary conditions have been 
assumed as shown in the figure which includes the fluid initial velocity, temperature, and the 
concentration of the diluted species (A), the hexadecane. The reactor wall temperature has 
been assumed to be equal to copper block temperature obtained through our experimental 
measurements.  
A predefined reactor mesh was selected. At inlet and outlet, the reactor mesh was made 
thinner with a number of elements of 100 at a ratio of 15, while the number of elements was 
60 at a ratio of 40 for the reactor wall and symmetry, as shown in Figure (3.1b).  
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Figure 3.1: (a) Drawing of the 2D axisymmetric model for the experimental tubular reactor (b) reactor mesh 
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3.1.2. Subsurface System Modelling 
Based upon the thermodynamic model discussed above and was also reported [7], a 
subsurface flow system, comprising the injection and production wells, was developed in 
order to predict the change in temperature, pressure, and gas composition over a well depth of 
4 km,  which accounts for the distance between the reservoir and wellhead. At different 
segments of vertical elevations, the Beggs and Brill [8] pipe flow correlation was used to 
estimate the change in temperature and pressure, while the change in gas composition was 
estimated using the Gibbs reactor embedded between different pipe segments in the 
production well. The equation of state used in this analysis is the Peng-Robinson Stryjek and 
Vera (PRSV) which may predict the thermodynamic properties of fluid components, as 
carried out in previous work [7]. This analysis was useful in estimating the temperature and 
pressure and gas composition at the wellhead enabling immediate recovery of clean energy, 
through the gas heat and momentum, in addition to producing hydrogen, syngas, and 
methane. The HYSYS Heat Transfer and Fluid Flow Service (HTFS) design method was 
selected to predict the heat transferred between the pipe and surrounding insulation 
(Concrete) which is assumed to be contained in ground sandstone medium. The HTFS heat 
exchanger design method was developed by the UK Atomic Energy Authority and National 
Physical Laboratory and it is provided by Aspentech for licensed users of HYSYS. This 
enabled prediction of pressure drops, and heat losses across the pipe enabling direct 
estimation of temperature and pressure gradients of injection and production fluids. The 
downhole pressure of injection fluids (steam and air) was maintained at a range between 222-
230 bar, which is slightly above than the reservoir pressure (220 bar). The effects of varying 
the oxygen to carbon ratio (O/C), water to carbon ratio (W/C), well production rate, and air 
enrichment were investigated on the system thermodynamic energy efficiency, hydrocarbon 
gasification efficiency, and gas product distribution.  
The minimum thickness of the pipe, made up of mild steel, was assumed to be 50 mm 
which maintains the pipe stability under the current operating conditions using the equation 
(3.22). The HYSYS Compressor utility was used to predict the energy requirements for 
injection of steam and air, whereas, the expander utility was used to predict the energy 
recovered through the gas momentum pressure at the wellhead. Furthermore, cooling and 
heating utilities were used to predict the energy requirements to cool the high-temperature 
gas produced at the wellhead, and generate steam for injection. To compensate for steam 
losses through the recycling loop, a mixer was used to add make-up water mixed with 
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recycled condensed steam for reinjection into the reservoir after passing through steam 
generation, as shown in Figure (3.2). Compression of air and steam was carried through a two 
stage compressor in order to reduce the required energy load. 
 
Figure 3.2: HYSYS Model for an Underground Gasification of Hydrocarbons  
Table 3.1 Parameters for Estimation of Heat Transfer Coefficient 
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The system’s energy efficiency is the ratio of the summation of energy output to the 
summation of energy input to the system, as shown in equation (3.20). 
𝐸𝑛𝑒𝑟𝑔𝑦 𝐸𝑓𝑓𝑖𝑐𝑖𝑒𝑛𝑐𝑦 (
𝐸𝑜𝑢𝑡
𝐸𝑖𝑛
) =
𝑄𝑒𝑥−1 + 𝑄𝑒𝑥−2  +  𝑄ℎ𝑒−2
𝑄ℎ𝑒−1 + 𝑄𝑐−1 + 𝑄𝑐−2  + 𝑄𝑐−3 + 𝑄𝑐−4
 (3.20) 
Where 𝑄𝑒𝑥−1 and  𝑄𝑒𝑥−2 are energy loads of expanders 1 and 2, respectively, 𝑄ℎ𝑒−1 and 
 𝑄ℎ𝑒−2  are the energy loads of heat exchangers for steam generation and heat recovery, 
respectively, and  𝑄𝑐−1 to 𝑄𝑐−4 are the energy loads of compressors 1-4 are air and steam, all 
measured in (kW).  
The gasification efficiency is the ratio of the summation of gas heating values multiplied 
by its molar flowrate, as shown in equation (3.21).  
𝐺𝑎𝑠𝑖𝑓𝑖𝑐𝑎𝑡𝑖𝑜𝑛 𝐸𝑓𝑓𝑖𝑐𝑖𝑒𝑛𝑐𝑦 (ɳ) =
∑𝑛𝑖  .  𝐿𝐻𝑉𝑖
𝑛𝐶16𝐻32 .  𝐿𝐻𝑉𝐶16𝐻32
 
(3.21) 
Where LHV is the lower heating value in (kJ/mol), n is the number of moles, and the 
subscript i refers to is the gaseous species that may enhance the heating value of produced gas 
at surface, which includes H2, CO, CH4, NH3, and C2H6. 
 
3.2. Experimental Methods 
3.2.1. Experimental Inventory 
 
 Syringe Pump 
 HPLC Pump (510 WATERS) 
 Back Pressure Regulator (GO) 
 VECSTAR* Vertical Furnace  
 Swagelok stainless steel 316L 
fittings (filters, crosses, t-joints, 
tubings, bore-through reducers)  
 Gate valves (2). 
 Bubble Flow meter. 
 Gas flow meter. 
 Fabricated Aluminium Frame. 
 1/8” thermocouples (4). 
 Temperature indicators (2). 
  Pressure gauges (2). 
 Pressure relief valves (2). 
 One way valves (2). 
  Stop watches (2).  
 Glass Measuring cylinders. 
 Copper Blocks (2) 
 
 
CHAPTER 3: Modelling, Experimentation, and Analysis  
76 
 
3.2.2. Chemicals and Materials 
Hexadecane (99% ALFA AESAR) was purchased from VWR and used as received. De-
ionised water, which was de-aerated with argon prior to pumping, was used a hydrothermal 
reaction medium. The reactor used was made of Stainless Steel 316 (6.35 mm OD, 0.54 mm 
ID, 260 mm Length). No catalysts were used in this study, aside from the potential catalytic 
effects of the reactor wall. The maximum tolerable pressure for the reactor, at the maximum 
potential experimental temperature (700 oC) has been determined to find the safe operating 
pressure limits according to equation (3.22) [9]. 
𝑃 =
2. 𝑓. η. 𝑡
𝐷 + 𝑡
 
(3.22) 
 
Where f is in the tensile strength of stainless steel, at 700 oC, measured in (MPa), η is the 
joint efficiency assumed to be 100%, t is the tube thickness in (mm), and D is the tube 
internal diameter in (mm).  
 
3.2.3. Hydrothermal Reforming Process  
A reactor system was designed, constructed, and set up as shown in Figures (3.3, 3.4 & 
3.6). All the fittings and connections are SWAGELOK parts. Pump 1 (P-1 HPLC WATERS 
510) pumps water while Pump 2 (P-2 Syringe Pump 100DM ISCO) pumps the hydrocarbon 
fuel (hexadecane). The volumetric flowrates of both pumps may be adjusted, between 1-10 
mL/min, according to the desired feed ratio, and reactor residence time. Check valves (V-1 
and V-2) are installed to prevent back flow of reactants to the pumps which can cause pump 
damaging. Filters (F-1 and F-2) are installed to filter out any particulates, larger than 5 µm, 
which may be present in the feed. The reactor contained in a grooved copper block (200 mm 
x 20 mm) fitted inside a vertical tubular heating furnace (VECSTAR). The purpose of this 
block is to maximise heat transfer and distribution between the furnace and the reactor by 
conduction, in addition to acting as containment for any reactor failure. The temperatures of 
the copper block and the reactor inlet and outlet fluids are monitored via thermocouples (TIC-
1, TI-1, TI-2, respectively). In order to reduce temperature gradients along the reactor tube, 
the water feed is preheated to the reactor temperature using an 1/8” tubing (3.175 mm od) 
positioned also inside the copper block before it mixes with n-hexadecane at the mixing point 
where TI-1 is recorded. Then, the mixed water-n-hexadecane fluid flows and reacts along the 
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3.2.4 Partial Oxidation Experiments 
The reactor system described in the previous section was also used in the partial oxidation 
experiments. Additional modification of the system includes the use of ¼” (6.35 mm OD) 
reactor to decompose the hydrogen peroxide before it mixes with hexadecane at the cross, as 
shown in Figure (3.5). A JASCO pump (Jasco PU-1580 Pump) was used in this study to 
pump the hydrogen peroxide solution with set flowrates between 1-5 mL/min, while the n-
hexadecane was pumped using the syringe pump (Syringe Pump 100DM ISCO) used in our 
previous work. Prior to the partial oxidation reaction, the gasification reactor was oxidised by 
pumping hydrogen peroxide (6 wt%) only at the desired reactor temperature and pressure for 
around 30 minutes, as commonly known as “wall aging”, in order to reduce the catalytic wall 
effects of the stainless steel reactor. The inlet and outlet temperatures (TI-1 and TI-2) of the 
gasification reactor were monitored while pumping water only, hydrogen peroxide and n-
hexadecane and hydrogen peroxide. This enabled establishing the reactor temperature profile 
before the occurrence of the exothermic effects, which happens due to the decomposition of 
hydrogen peroxide and partial oxidation of n-hexadecane. It was found that almost an 
isothermal gasification reactor profile is achieved using the current reactor set up compared 
with our previous in which the water preheater was made up of 1/8” tubing, and also due to 
the lower operating temperature. Further details on the reactor thermal profile are discussed 
in the discussion section. The produced gas was analysed using the mass spectrometer 
connected directly to the reactor system, which was calibrated using a gas mixture containing 
1% of produced gaseous species (H2, CO, CO2, CH4, C2-C4 n-alkane/1-alkene) balanced with 
Argon which is used a carrier gas in this work. The flowrates of the carrier gas (Argon), 
produced gas, and the purge gas were measured in order to quantify the produced gaseous 
species through the concentration data provided by the mass spectrometer analysis.  
3.2.5 Start-up Check List 
a) The back pressure regulator is ensured to be fully open and the system is fully 
depressurised as shown in the pressure gauge.  
b) All the connections are ensured to be fully tightened. 
c) The connections are pressure-tested using water up to pressure of 270 bar at which the 
safety relief valves open to release excess pressure.  
d) The lines connecting the feed tanks contain no air bubbles and a homogeneous liquid 
film flow is established to the feed pumps. 
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3.2.6. Process Start-up and Steady-state Operation 
First the water pump is started and uniform water flow is established throughout the 
system. Then, the furnace is turned on and the heat is gradually raised to a desired 
temperature (200 - 700 oC) at a 20 - 30 oC increment. This took around 15- 25 min until a 
sufficiently accurate temperature control was established at which the block temperature (Tb) 
matches the set point temperature (Tsp). Once the temperature is stable at the desired set 
point, the hexadecane pump is started and its flowrate is a pre-set flowrate (1-3 mL/min) 
depending on the desirable Water to Carbon ratio. It took around 4 - 5 minutes until the 
oil/water emulsified mixture is obtained from the phase separator. Once oil is observed in the 
outlet product from the phase separator, the pressure is raised to 100 bar, by gradually closing 
the BPR and monitoring the pressure value in the pressure gauge and the pressure indicator in 
the oil pump screen. Pressure fluctuations are observed, due to flow and vaporisation of 
reactants, as well as the change in partial pressures by consumption of reactants and 
formation of products. Hence, the pressure is maintained at a desired value by a precise and 
vigilant movement of the BPR. After 3-4 minutes the volumetric flowrate of the liquid 
product is measured using a stop watch at 1 minute and a measuring cylinder, followed by a 
liquid sample collection in 5 mL glass vial. The gas volumetric flowrate is also measured 
using a bubble flowmeter. After that, a gas sample is collected through the T-joint using an 
SGE gas-tight syringe (5 mL) which is injected into the mass spectrometer through the 
injection port. The change in the mass spectrometer spectrum is monitored on the computer 
and saved. Three samples are collected for both the gas and the liquid products for specific 
conditions. After collecting the gas sample, the system is gradually blown down and the oil 
pump was stopped for refilling. Back flow to the pumps is experienced during blowing down 
and hence two check valves are installed before the water oil mixing T-joint in order protect 
pumps from any liquid back flows. To refill the oil pump tank, the pump outlet valve is 
tightly closed, the inlet valve is fully opened, and refilled using the refill button. Once the 
tank is refilled, the inlet valve is tightly closed and the outlet valve was fully open to pump 
again. Then, the system pressure is raised to 150, 200 and 220 bar, and the previous 
procedure is followed for different temperatures.  
3.2.7. Process Shut Down 
Shutting down the process is carried by gradually reducing the system pressure, which is 
monitored by the pressure control (PIC-1) until the BPR is fully open. Decreasing the 
pressure gradually minimises backflow and maintains the overall system stability. The oil 
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3.3. Analytical Techniques 
3.3.1. Mass Spectrometer Analysis 
The mass spectrometer was used to analyse gaseous species produced through the 
continuous experimental reactor system. The mass spectrometer used in this work is a 
Genesys type equipped with a heated capillary column which is connected to the gas product 
stream as shown in the process flow diagram in Figure (3.3). Based on selected molecular 
ions commonly produced through fragmentation of gaseous species (H2, CO, CO2, CH4, C2-
C4), identification of gaseous species was carried out. Molecular ions are produced by the 
ionisation of gaseous species by a high-energy beam of electrons. This results in the removal 
of one electron from an organic molecule to generate a radical cation which may undergo 
further fragmentation to generate additional smaller ions, as shown in equation (3.23). An 
electrical current is generated from the produced molecular ions, which is proportional to the 
gas concentration, and this was used to calibrate the mass spec to quantify different 
concentrations. The masses used to detect H2, CO, CO2, and CH4, are 2, 28, 44, and 16, 
respectively, which are the molecular ions that each gas would be fragmented into through 
ionisation. The mass spectrometer was calibrated using a BOC calibration gas mixture 
containing known amounts of H2, CO, CO2, and CH4. As the system does not contain any 
Nitrogen, facile detection and quantification of CO was possible. Using a three way valve, 
the gas flowrate may be measured using a bubble flowmeter connected to the phase separator 
through a secondary line. 
𝑀𝑜𝑙𝑒𝑐𝑢𝑙𝑒 (𝑀)̈
𝑖𝑜𝑛𝑖𝑠𝑎𝑡𝑖𝑜𝑛
→       𝑀𝑜𝑙𝑒𝑐𝑢𝑙𝑎𝑟 𝐼𝑜𝑛 (𝑀+̇ )
𝑓𝑟𝑎𝑔𝑚𝑒𝑛𝑡𝑎𝑡𝑖𝑜𝑛
→            𝐹𝑟𝑎𝑔𝑚𝑒𝑛𝑡 𝐼𝑜𝑛𝑠 (𝑚1
+ +𝑚2
. )       (3.23) 
 
3.3.2. GCMS Analysis 
 
The GCMS system used in this analysis, shown in Figure (3.7) is a Varian-type (STAR 
3400 CX Gas Chromatography) equipped with Mass Spectrometer (Saturn 2384), Auto-
sampler (8200), and Injector 1078. The GCMS is equipped with a capillary column which is 
a non-polar fused silica column with a diameter of 0.25 mm and a length of 30 m, with 
maximum tolerable temperature of 400 oC suitable analyse heavy hydrocarbons. The column 
head pressure was maintained at 12 psi, which maintains a carrier gas (Helium) flowrate of 1 
mL/min through the capillary column at a temperature of 50 oC.  
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b) Analysis Method 1 (Hydrothermal Experiments) 
The GC oven is programmed to raise the temperature from 38 oC by (5 oC/min) to (100 
oC), followed by (15 oC/min) to (320 oC), which was held for (10 min). The injector 
temperature was maintained at 300 oC, with split injection mode using some quartz wool 
packed through the glass insert. The mass spectrometer was operated with a mass range of 
(40 - 650 m/z) in order identify produced species represented by different peaks in the 
chromatogram. Manual injection was carried for samples produced in the hydrothermal 
experiments in Chapter 5. A GC standard mixture containing equal quantities of n-alkane 
(C8-C20) was used to authenticate produced alkanes and consequently its alkenes based on 
their mass spectra. Known amounts of naphthalene were added to each sample, as an external 
standard, in order to quantify each produced species based on its relative response. The 
response factor for 1-alkenes was assumed to be equal to its corresponding n-alkanes.  
c) Analysis Method 2 (POX Experiments)  
The previous method was modified to analyse product of the partial oxidation of n-
hexadecane. At an injection temperature of 300 oC, the GC oven was programmed to raise the 
column temperature from 38 oC by (5 oC/min) to (100 oC), followed by (10 oC/min) to (320 
oC), which was held for (10 min). The mass spectrometer (MS) was operated with a mass 
range of (40 - 650 m/z). This method enabled analysing both light and heavy formed species 
at a reasonable analysis time (44 min). An Auto-sampler (8200), using pressurised nitrogen, 
was used in this analysis to inject every sample diluted in hexane was also used a solvent for 
syringe cleaning after every injection. This method enabled analysing both low weight 
hydrocarbons, heavy weight hydrocarbons, and oxygenated products formed during the 
oxidative hydrothermal conversion process. 
d) Calibrations 
In order to quantify products identified via the GC-MS, calibration of the GC-MS was carried 
out. This was achieved by determining the response factor of each species relative to 
Naphthalene which was used as an external standard.  
3.3.3. UV-Vis Analysis 
 
In order to analyse residual samples of H2O2 decomposition experiments, Ultra-Violet 
Visible Spectroscopy (UV-Vis) was used at a wavelength between 100-800 nm. This analysis 
is based on the principle of the absorption of electromagnetic radiation which causes 
&+$37(5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𝐴 = 𝜀 . 𝑐 . 𝑏           (3.24) 
Where A is the absorbance (unitless), c is the concentration (M), b is the pathlength (cm), 
and 𝜀 is the molar extinction coefficient (M-1 cm-1). The increase in concentration from 2 
wt% to 9 wt% showed a change in the solution colour from light yellowish to dark orange, as 
shown in Figure (3.6).  
  
Figure 3.10: (a) UV-Vis Chromatogram at different H2O2 concentrations (b) UV-Vis Calibration Chart 
Different Concentration of Hydrogen Peroxide (diluted; ca. 0.032 g in 2.5 mL of Diwater followed by further 
diluting ca. 0.40 g of it in 2.5 mL TiSO4 solution) 
 
 
3.4. Safety and Operational Issues 
The major safety issue of this work is the high pressure partial oxidation of hydrocarbons 
under high temperatures. The optimum feed temperature had to be determined to avoid 
runaway reactions. Proper Personal Protective Equipment (PPE) must be worn at all times. 
This includes polymeric gloves, lab coat, safety goggle, mask, and protective shoes. Two 
Pressure Relief Valves are installed, before and after the reactor, and they are set to open if 
the pressure exceeds a 270 bar. Pumps are also set to trip if the system pressure reaches 270 
bar. In addition, the heating unit is set to trip automatically at 1000 oC which due to the 
melting point of the furnace copper block (1083 oC). Due to the very low pumping flowrates 
of the reactants (< 20 mL/min in total) the yield of flammable gases such hydrogen and 
methane is extremely low and this reduces the potential hazards associated with this 
operation. In addition, an automatic alarm is installed to detect any poisonous Carbon 
Monoxide emissions in the work area. The equipment is pressure tested using only water up 
to a maximum pressure of 270 bar. All the piping and connection are made of stainless steel 
316 which can tolerate the operating conditions.  
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COSHH and Risk Assessment forms were prepared and approved by the Departmental 
Safety Officer prior to starting any work. Furthermore, the equipment is contained in fume 
cupboard made to protect against high pressure operations.  
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CHAPTER 4 
Thermodynamic Analysis of Hydrothermal 
Gasification of n-Hexadecane  
 
This chapter reports the equilibrium behaviour of the hydrothermal gasification of hexadecane, a heavy saturate 
model compound, under non-oxidative isothermal and oxidative adiabatic conditions, using the Peng-Robinson 
equation of state and the direct minimisation of Gibbs free energy employed within the Aspen HYSYS. This 
modelling enabled establishing both the limits and optimum conditions at which the hydrogen molar yield may 
be theoretically maximised. The effects of parameters including the reactor isothermal temperature, pressure, 
water to carbon ratio, and oxygen to carbon ratio on the molar yields of produced gaseous species were 
analysed. The model has been validated by comparing its results with different reported modelling and 
experimental data under identical conditions, which resulted in a good agreement. The results reported in this 
work show the potential of achieving economic yields of hydrogen and syngas from liquid hydrocarbons under 
downhole hydrothermal conditions.   
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4.1. Introduction 
It was shown in Chapters 1 and 2 that the commercial production of hydrogen and syngas as 
clean energy vectors is currently carried out via steam reforming and partial oxidation of 
hydrocarbons, above surface [1]. Underground gasification of fossil fuels was first proposed 
by Sir William Siemens (1868) in order to access unmined coal resources for hydrogen 
generation [2]. The presence of well-established technologies such as steam injection and in 
situ combustion for enhanced oil recovery [3] may offer a potential route for underground 
gasification of hydrocarbons with minimal environmental impact. In situ combustion has 
been studied for a number of years, e.g. the THAI process invented in 1993 by M. Greaves 
[4] as discussed in Chapter 2. In this process an air injection well is used to combust heavy 
oil and thus provides local heat to reduce oil viscosity. The oil is then driven towards a 
producer well (toe to heel). It is suggested that approximately 80% OOIP (Original Oil in 
Place) recovery may be accomplished with the additional benefit of some in situ oil 
upgrading. Air injection results in the release of equal amounts of CO, CO2 and 
hydrocarbons. This of course begs the question whether the return gas, which would be used 
to provide the required electricity for the compressors, could be converted into 
syngas/hydrogen and thus leads to the production of a clean energy vector. Indeed, it is 
conceivable to employ, for example, redundant production wells as hydrothermal reactor 
systems with the explicit injection of oil, steam and air/oxygen and thus removing the need 
for above ground reformers. In addition to the injection of steam and air/oxygen, this process 
may take advantage of the presence of natural hydrothermal systems underground [5]. As 
discussed in Chapter 1, supercritical water (SCW), that exists above 374 oC and 220 bar, has 
been of a particular interest among the scientific community [6]. The properties of SCW 
(density, pH, dielectric constant, and solubility of gases) can be adjusted, by controlling the 
pressure and temperature, in addition to the introduction of catalysts or oxidants to enhance 
the reaction rate and selectivity [6].  
Analysing the thermodynamic yields of gasification reactions is key to develop new 
processes for hydrothermal gasification of hydrocarbons. Thermodynamic analysis of SCW 
gasification was frequently carried out on various biomass model compounds [7-16] and light 
hydrocarbon models [17-20] as discussed in Chapter 2. In addition to showing the optimum 
conditions for hydrogen yield, these studies were motivated by the potential of achieving a 
renewable and onsite production of hydrogen for portable fuel cell applications with 
mitigating the challenge of hydrogen storage [10, 12, 17-18, 21-30]. The thermodynamic 
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analysis of SCW gasification of heavy hydrocarbons remains less investigated compared to 
biomass model compounds especially under hydrothermal conditions.  
The present work reports a new parametric study on the thermodynamic equilibrium 
analysis of the hydrothermal gasification and partial oxidation of hexadecane, a heavy 
saturated oil model, using the ASPEN HYSYS simulation environment, and employing the 
Gibbs Reactor model. This was carried out under sub and supercritical isothermal (sole 
injection of steam) and adiabatic conditions (simultaneous injection of steam and oxygen) 
demonstrating the optimum operating parameters at which the yield of hydrogen can be 
theoretically maximised. The model has been validated by comparing its results with 
literature modelling and experimental data on different carbon-based feedstocks which 
revealed a good agreement [8-9, 17]. 
 
4.2. Results and Discussion  
4.2.1. Model Validation  
The predictions of the HYSYS Gibbs reactor, using the Peng-Robinson equation of state 
was validated by comparing its results with previously reported data [8-9, 17] under identical 
conditions. As shown in Figure (4.1), the equilibrium dry mole fractions of different gaseous 
species (CO, H2, CO2, and CH4) obtained using HYSYS shows very close agreement to those 
obtained by Voll et al [9] and Tang and Kitagawa [8]. Other experimental and modelling data 
on the hydrothermal gasification of isooctane [17] have also been modelled using the HYSYS 
Gibbs reactor. This included using the Gibbs reactor to model the effects of temperature and 
isooctane concentration on the molar yields of gaseous species as shown in Figures (4.2 - 
4.3). These comparisons have revealed a good agreement between the prediction of the Gibbs 
reactor and the reported theoretical and experimental data, and this was useful to validate the 
HYSYS Gibbs reactor model for SCW gasification of hydrocarbons. 
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Figure 4.1: Equilibrium mole fraction of component gases as predicted by HYSYS which matches previously 
published work by Voll et al [9] and Tang and Kitagawa [8] (15 wt.% methanol, 276 bar, and 825 - 975 K) 
 
 
 
Figure 4.2: Comparison between HYSYS predictions and Susanti et al [17] (6.27 wt.% isooctane, 250 bar, and 
600 – 800 oC) 
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Figure 4.3: Comparison between HYSYS predictions and Susanti et al [17] (250 bar, and 764 oC) 
 
 
4.2.2. Non-Oxidative Hydrothermal Gasification  
a) Effects of Hexadecane Concentration 
The effect of hexadecane concentration on the equilibrium mole fraction was investigated 
under isothermal, isobaric Non-Oxidative Hydrothermal Gasification (NOHG) conditions 
(700 oC and 250 bar), as shown in Figure (4.4). Non-oxidative isothermal conditions were 
selected to determine the hydrothermal effects on the reaction system prior to investigating 
the partial oxidation effects. It was found that the equilibrium molar fraction of hydrogen was 
the largest and it steeply decreases, from around 0.45 to 0.10 as the concentration of 
hexadecane increases between 10 - 50 wt.%. This decrease is associated with a significant 
increase in the mole fraction of methane from 0.30 to slightly more than 0.65. The reduction 
in the H2 yields at higher hexadecane concentrations is typically an outcome of the decrease 
in the water contents in the reaction system reducing the potential of overcoming equilibrium 
limitations of steam reforming reactions [11].  
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Figure 4.4: Effects of hexadecane concentration on the production of gaseous species at 250 bar, and 700 oC 
 
Similar results have been reported by many researchers [7-9, 14] who observed the 
decrease in hydrogen yield as the concentration of feedstock increases and this was justified 
by the decrease in water content in the system reducing the possibility of water gas shift 
reaction. The increase in methane yield is due to the consumption of hydrogen by CO in a 
methanation reaction, which is promoted at higher hexadecane concentrations [9]. The effect 
of hexadecane concentration was found to be less significant on the yields of CO and CO2. As 
shown in Figure (4.4), there is a slight decrease in the mole fraction of CO2, which is 
associated with a slight increase in the mole fraction of CO as the concentration of 
hexadecane increases. This occurs again because of the reduction in the number of moles of 
water, which affects the water gas shift reaction causing less consumption of CO, less 
production of CO2, and a simultaneous rise in the mole fraction of methane. The yield of CO 
is the lowest among all other gases, as it is consumed by the water gas shift reaction, and its 
mole fraction, at the optimum hexadecane concentration, is slightly less than 0.05. This was 
also observed during the modelling and experimentation of supercritical water reforming of 
different model compounds [8-9]. At all times, the mole fraction of coke formation was less 
than 10-4 at the specified operating conditions and hence it was considered to be negligible. It 
is also observed that although hydrogen decreases in yield, its molar flowrate continues to 
increase between a feed concentration of 10 wt.% - 32 wt.% until it starts to decrease as the 
hexadecane concentration exceeds 35 wt.%. Quantifying the production rate of hydrogen 
provides a practical approach to the determination of the optimum concentration of 
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hexadecane at which hydrogen production is at its maximum flowrate. Under the current 
conditions, the maximum molar production of hydrogen was found to be 0.140 kmol/hr per 1 
kmol/hr of the feed. Hence, it is concluded that although increasing the hydrocarbon feed 
concentration reduces the hydrogen yield, there is an optimum feed concentration at which 
hydrogen production is theoretically maximised, and it was determined to be approximately 
30 wt.% under the current conditions. In addition, increasing the feed concentration weakens 
the water gas shift reaction and ultimately reduces the hydrogen yield.   
 
b) Temperature-Pressure Effects 
Based on the determined optimum concentration (30 wt.%) of hexadecane, in Figure 
(4.4), the effects of temperature and pressure on the equilibrium molar production of gaseous 
species, per 1 kmole/hr of the feed, was investigated as shown in Figure (4.5). Hexadecane is 
found to be fully consumed under the current equilibrium operating conditions at a 
temperature between 400 – 700 oC, and a pressure between 100 – 250 bar which are achieved 
in the on-going experimentation. The mole fractions of coke and hydrocarbons heavier than 
methane (C2-C15) were always less than 10-4, and hence they were considered to be 
negligible.  
 
 
Figure 4.5: The effects of the reactor temperature and pressure on the molar production flowrates of gaseous 
species (a) H2, (b) CO, (c) CO2, and (d) CH4, at hexadecane concentration of 30 wt.%  
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The effects of varying the reactor temperatures at different constant pressures show 
similar trends to previously reported data [7-10, 14, 16, 27]. Unlike the concentration effects, 
the production of hydrogen was found to increase sharply as the reaction temperature 
increases, and this increase is associated with a sharp reduction in the yield of methane. This 
may be a result of the increase of the equilibrium constant of the endothermic water-
hexadecane reaction and reversed methanation at higher temperatures [10]. The water gas 
shift reaction, which is slightly exothermic as shown in equation (1.3) in Chapter 1, was also 
reported to cause such an increase in the yield of hydrogen at higher temperatures as 
experimentally reported by Byrd et al [31] during the hydrothermal gasification of ethanol 
over Ru/Al2O3 catalyst. This seems to agree with the current results as the yield of CO2 also 
increases with H2 as the temperature increases. Other experimental studies have also related 
the increase in the yield of H2 to the endothermic nature of combined steam reforming and 
water gas shift reactions [17]. It is also observed that the increase in the yield of hydrogen 
becomes sharper as the temperature exceeds 500 oC reaching 0.14 – 0.23 kmole/hr at 700 oC 
and 100 - 250 bar. This corresponds to CO production of around 0.002 kmole/hr at 500 oC for 
all operating pressures, and it increases slightly up to 0.020 – 0.035 kmole/hr as the 
temperature is raised from 500 oC to 700 oC between 100 - 250 bar. The rise of CO 
production with increasing temperatures was also reported to be a result of the reversed water 
gas shift reaction which is endothermic in nature and is responsible for the rise in the yield of 
hydrogen [12].  
The pressure effects on the yields of all gases become more significant as the temperature 
exceeds 500 oC. While increasing the pressure, from 100 bar to 250 bar, decreases the 
production of H2 and CO, it increases the production of CO2 and CH4. This shows that 
increasing the pressure disfavours the steam reforming and the water gas shift reactions as 
shown by the reduction in H2 and CO yields, while it favours methanation reactions as shown 
by the enhanced level of methane yield. The relationship between the reduction in CO2 
production and the increase in CO production is explained by the reverse exothermic water 
gas shift which favours low temperatures. The methane production decreases at high 
temperatures and low pressures. Methane may be formed by the consumption of hydrogen by 
CO to produce methane and water (equation 1.4). This reaction is also exothermic and the 
provision of high temperatures will cause its equilibrium constant to decrease significantly.   
It is concluded that the yield of hydrogen is enhanced, during hydrothermal gasification of 
hexadecane, at high temperatures and low pressures, by steam reforming, water gas shift and 
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reversed methanation reactions, and it is possible to achieve a complete conversion of 
hexadecane to syngas under the current experimental conditions, with very low CO fraction, 
which may be supplied to fuel cell applications.   
 
4.2.3. Oxidative Hydrothermal Gasification 
a) Effects of O/C and W/C Ratios 
Oxidative Hydrothermal Gasification (OHG) has been investigated by the removal of the 
isothermal heat utility and the introduction of oxygen into the water-hexadecane reaction 
system. The rise in reaction adiabatic temperature, under no external heat gain or loss, may 
sustain the necessary reaction temperature without adding a heat utility into the system. The 
effects of increasing the Oxygen to Hydrocarbon (O/C) molar ratio at different Water to 
Hydrocarbon molar ratios (W/C) on the equilibrium molar production flowrates of gaseous 
species, and the reactor adiabatic temperature, were investigated at a certain initial feed 
temperature (150 oC) and a constant reactor pressure (250 bar) which may be typical to 
downhole conditions. As shown in Figure 4.6 (a), the molar production of H2 rises 
significantly as the O/C ratio increases approaching a maximum of around 14.62 - 15.70 
kmole/hr between an O/C of 8-14 depending on the specified W/C ratio. Increasing the W/C 
ratio slightly decreases the H2 production, but it allows reaching the maximum production of 
hydrogen at higher ratios of O/C and lower adiabatic temperatures, causing indirect increase 
in the production of hydrogen. This may be illustrated by comparing the H2 molar production 
flowrate at a certain adiabatic temperature at different W/C ratios, Figures 4.6 (a) and 4.7. It 
is found that at W/C = 50, the maximum hydrogen molar production (14.62 kmole/hr) is 
achieved at O/C = 13.5, which corresponds to an adiabatic temperature of 985 oC. On the 
other hand, it is found that the production of hydrogen, at the same adiabatic temperature, is 
12.19 kmole/hr when the W/C ratio is reduced to 20, and this adiabatic temperature was 
reached at a lower O/C ratio of 8. Lower adiabatic temperatures may reduce the operating and 
capital investment costs associated materials selection and construction, but this will 
ultimately depend on the desired product specifications.  
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Figure 4.6: The effects of the W/C and O/C ratios on the equilibrium molar production flowrates of gaseous 
species (a) H2, (b) CO, (c) CO2, and (d) CH4, under adiabatic conditions at Tin = 150oC and P = 250 bar 
 
 
 
 
 
Figure 4.7: Effects of the O/C molar ratio on the rise in adiabatic temperatures at different W/C ratios 
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Furthermore, this shows the benefits of using steam for maximising the yields of 
hydrogen at lower adiabatic temperatures during autothermal reforming compared with the 
sole use of oxygen in partial oxidation. To illustrate, the removal of water from reactor at 
W/C = 0 shows minor impact on the yield of hydrogen while it significantly increases the 
adiabatic temperature at lower O/C ratios. The decrease in the hydrogen yield, after reaching 
its maximum at a certain O/C ratio, is a result of the shift towards complete oxidation of 
hexadecane which enhances the yields of CO2 as observed in Figure 4.6 (c). Similar 
modelling observations have been reported during the thermodynamic analysis of auto-
thermal reforming of hydrocarbons [12, 15, 20, 32]. Other experimental investigations on 
different hydrocarbons [17-18, 30, 33] have also shown increasing trends in the yields of H2 
and CO with increasing O/C ratios, which is in agreement with the results obtained in this 
model.  
The behaviour of the CO production is similar to that of H2, and it is much different from 
the case of non-oxidative hydrothermal reforming. Its production increases with increasing 
O/C ratios and decreases with increasing W/C ratios, Figure 4.6 (b). While the decrease of 
CO production, with higher ratios of W/C, occurs due to the consumption of CO by the water 
gas shift reaction, the increase of CO production is due to the partial oxidation of hexadecane, 
which also raises the H2 yield. The CO2 and CH4 molar productions show increased levels as 
the W/C ratio increases, and this becomes more significant at low O/C ratios. The change in 
the production of CO2 with increasing O/C ratios depends primarily on the W/C ratio, as 
shown in Figure 4.6 (c). It is generally shown that increasing the W/C ratio increases the 
production of CO2 due to the favourable conditions for the water gas shift reaction. It is also 
found that when the W/C ratio is 10, the increase in the O/C ratio reduces the CO2 production 
until full partial oxidation is approached, at O/C = 8, after which the CO2 yield starts to 
increase again as the reaction shifts towards complete oxidation. This observation varies 
when the W/C ratio is 20 – 50, where the production of CO2 increases initially with 
increasing O/C ratios, and it then decreases until full partial oxidation is reached before it 
increases again when approaching complete oxidation. At all times, the molar production 
flowrate of all gases is in the order of H2 > CO > CO2 > CH4 at the same operating 
conditions.  
It is concluded that increasing the O/C ratio increases the yields of H2 and CO, while 
increasing the W/C is advantageous to maximise their yields at lower adiabatic temperatures. 
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This shows that the use of water in autothermal reforming is more advantageous compared 
with the sole use of oxygen during partial oxidation of hydrocarbons.  
 
b) Effects of Initial Reactor Temperature 
Another sensitive parameter in this analysis is the initial feed temperature, whose effect 
on the production of gaseous species is depicted in Figure (4.8). This analysis is conducted at 
O/C = 8, W/C = 50, and a constant pressure of 250 bar. Full conversion of hexadecane is 
observed. It was also found that the production of hydrogen rises sharply as the initial 
reaction temperature is raised from 50 to 400 oC, after which the rise becomes more gradual 
between 400-500 oC. This analysis shows that as the initial reaction temperature increases, a 
less O/C ratio is needed to reach the maximum yield of hydrogen. This is also applicable to 
the yield of CO whose yield also increases as the yield of hydrogen increases at higher initial 
reaction temperatures. However, the yields of CH4 and CO2 are reduced as higher initial 
reaction temperatures are applied. The effects of the feed initial temperature on the adiabatic 
temperature would again be dependent on the W/C ratio which may be increased to minimise 
the adiabatic temperature to an operable level.  
It is concluded that the introduction of oxygen into the hydrothermal gasification of 
hexadecane may produce significant quantities of hydrogen with a syngas ratio of 
approximately 1:1. This ratio may be further adjusted to suite different applications including 
the synthesis of DME, and methanol. In addition, oxidative adiabatic processing requires 
much less energy compared with hydrothermal gasification as the reaction takes place 
adiabatically at much lower temperatures, < 300 oC, and the necessary energy is obtained 
through the exothermic heat of reaction.   
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Figure 4.8: Effects of feed initial temperature on the molar production flowrates of gaseous species, and reactor 
adiabatic temperature at P = 250 bar, O/C = 8, and W/C = 50 
 
4.3. Conclusions 
This work has investigated the thermodynamic behaviour of the hydrothermal gasification 
of hexadecane using direct minimisation of Gibbs free energy and the Peng-Robinson 
equation of state employed within the Aspen HYSYS simulation environment. It is found that 
the molar yields of H2 are thermodynamically maximised under high temperatures and low 
pressures with an optimum hexadecane concentration of 30 wt.%. In addition, the molar 
yields of H2 and CO reach their maximum yields at O/C = 8, after which their yields start to 
decrease due to the shift to complete oxidation. Increasing the W/C ratio enables maximising 
the yield of hydrogen at lower adiabatic temperatures compared with the sole injection of 
oxygen in partial oxidation. Increasing the feed initial temperature, at a given W/C ratio and 
pressure, reduces the oxygen requirement for maximising the hydrogen yield. Next work 
includes the experimental analysis of the hydrothermal gasification of hexadecane in a 
tubular flow reactor whose results will be compared with this work.  
 
 
 
 
 
 
0
200
400
600
800
1000
1200
1400
1600
0
5
10
15
20
25
50 150 250 350 450
Initial Feed Temperature Tin [oC]
CH4 CO2 CO H2 TAD
A
di
ab
at
ic
 T
em
ep
ra
tu
re
 (T
A
D
) 
 o
C
M
ol
ar
 P
ro
du
ct
io
n 
R
at
e 
[k
m
ol
e/
hr
] 
pe
r 
[k
m
ol
/h
r]
 C
16
H
34
 
 
CHAPTER 4: Thermodynamic Analysis of Hydrothermal Gasification of n-Hexadecane  
104 
 
References 
  
[1]     Navarro, R.M., M.A. Pena, and J.L.G. Fierro, Hydrogen production reactions from 
carbon feedstocks: fossil fuels and biomass. Chemical Reviews, 2007. 107(10): p. 
3952-3991. 
[2] Siemens, C.W., On the regenerative gas furnace as applied to the manufacture of cast 
steel. Journal of the Chemical Society, 1868. 21: p. 279-310. 
[3] Thomas, S., Enhanced oil recovery-An overview. Oil & Gas Science and Technology, 
2008. 63(1): p. 9-19. 
[4] Greaves, M., et al., THAI-New air injection technology for heavy oil recovery and in 
situ upgrading. 2001. 40(3). 
[5] Barbier, E., Geothermal energy technology and current status: an overview. 
Renewable and Sustainable Energy Reviews, 2002. 6(1-2): p. 3-65. 
[6] Brunner, G., Near critical and supercritical water. Part I. Hydrolytic and 
hydrothermal processes. The Journal of Supercritical Fluids, 2009. 47(3): p. 373-381. 
[7] Lu, Y., et al., Thermodynamic modeling and analysis of biomass gasification for 
hydrogen production in supercritical water. Chemical Engineering Journal, 2007. 
131(1-3): p. 233-244. 
[8] Tang, H. and K. Kitagawa, Supercritical water gasification of biomass: 
thermodynamic analysis with direct Gibbs free energy minimization. Chemical 
Engineering Journal, 2005. 106(3): p. 261-267. 
[9] Voll, F.A.P., et al., Thermodynamic analysis of supercritical water gasification of 
methanol, ethanol, glycerol, glucose and cellulose. International Journal of Hydrogen 
Energy, 2009. 34(24): p. 9737-9744. 
[10] Adhikari, S., et al., A thermodynamic analysis of hydrogen production by steam 
reforming of glycerol. International Journal of Hydrogen Energy, 2007. 32(14): p. 
2875-2880. 
[11] Ashrafi, M., et al., Experimental study of model biogas catalytic steam reforming: 1. 
thermodynamic optimization. Energy & Fuels, 2008. 22(6): p. 4182-4189. 
 
CHAPTER 4: Thermodynamic Analysis of Hydrothermal Gasification of n-Hexadecane  
105 
 
[12] Authayanun, S., et al., Thermodynamic study of hydrogen production from crude 
glycerol autothermal reforming for fuel cell applications. International Journal of 
Hydrogen Energy, 2010. 35(13): p. 6617-6623. 
[13] Castello, D. and L. Fiori, Supercritical water gasification of biomass: Thermodynamic 
constraints. Bioresource Technology. In Press, Accepted Manuscript. 
[14] Letellier, S., et al., Gasification of aqueous biomass in supercritical water: A 
thermodynamic equilibrium analysis. The Journal of Supercritical Fluids, 2010. 51(3): 
p. 353-361. 
[15] Wang, H., et al., Thermodynamic analysis of hydrogen production from glycerol 
autothermal reforming. International Journal of Hydrogen Energy, 2009. 34(14): p. 
5683-5690. 
[16] Wang, X., et al., Thermodynamic analysis of glycerin steam reforming. Energy & 
Fuels, 2008. 22(6): p. 4285-4291. 
[17] Susanti, R.F., et al., Noncatalytic gasification of isooctane in supercritical water: A 
Strategy for high-yield hydrogen production. International Journal of Hydrogen 
Energy, 2011. 36(6): p. 3895-3906. 
[18] Susanti, R.F., et al., Continuous supercritical water gasification of isooctane: A 
promising reactor design. International Journal of Hydrogen Energy, 2010. 35(5): p. 
1957-1970. 
[19] Lutz, A.E., et al., Thermodynamic analysis of hydrogen production by partial 
oxidation reforming. International Journal of Hydrogen Energy, 2004. 29(8): p. 809-
816. 
[20] Zeng, G., Y. Tian, and Y. Li, Thermodynamic analysis of hydrogen production for fuel 
cell via oxidative steam reforming of propane. International Journal of Hydrogen 
Energy, 2010. 35(13): p. 6726-6737. 
[21] Adschiri, T., et al., Catalytic hydrodesulfurization of dibenzothiophene through partial 
oxidation and a water−gas shift reaction in supercritical water. Industrial & 
Engineering Chemistry Research, 1998. 37(7): p. 2634-2638. 
[22] Arai, K., T. Adschiri, and M. Watanabe, Hydrogenation of hydrocarbons through 
partial oxidation in supercritical water. Industrial & Engineering Chemistry Research, 
2000. 39(12): p. 4697-4701. 
CHAPTER 4: Thermodynamic Analysis of Hydrothermal Gasification of n-Hexadecane  
106 
 
[23] Thormann, J., et al., Steam reforming of hexadecane over a Rh/CeO2 catalyst in 
microchannels: Experimental and numerical investigation. International Journal of 
Hydrogen Energy, 2009. 34(12): p. 5108-5120. 
[24] Watanabe, M., et al., Catalytic effects of NaOH and ZrO2 for partial oxidative 
gasification of n-hexadecane and lignin in supercritical water. Fuel, 2003. 82(5): p. 
545-552. 
[25] Watanabe, M., et al., Partial oxidation of n-hexadecane and polyethylene in 
supercritical water. The Journal of Supercritical Fluids, 2001. 20(3): p. 257-266. 
[26] Tsuzuki, N., et al., The kinetic modeling of oil cracking by hydrothermal pyrolysis 
experiments. International Journal of Coal Geology, 1999. 39(1-3): p. 227-250. 
[27] Lee, S., et al., Noncatalytic reformation of JP-8 fuel in supercritical water for 
production of hydrogen. Energy Sources, Part A: Recovery, Utilization, and 
Environmental Effects, 2009. 31(19): p. 1750-1758. 
[28] Pinkwart, K., et al., Gasification of diesel oil in supercritical water for fuel cells. 
Journal of Power Sources, 2004. 136(2): p. 211-214. 
[29] Ming, Q., et al., Steam reforming of hydrocarbon fuels. Catalysis Today, 2002. 77(1-
2): p. 51-64. 
[30] Kang, I. and J. Bae, Autothermal reforming study of diesel for fuel cell application. 
Journal of Power Sources, 2006. 159(2): p. 1283-1290. 
[31] Byrd, A.J., K.K. Pant, and R.B. Gupta, Hydrogen production from glucose using 
Ru/Al2O3 catalyst in supercritical water. Industrial & Engineering Chemistry 
Research, 2007. 46(11): p. 3574-3579. 
[32] Ersoz, A., et al., Autothermal reforming as a hydrocarbon fuel processing option for 
PEM fuel cell. Journal of Power Sources, 2003. 118(1-2): p. 384-392. 
[33] Dreyer, B.J., et al., Autothermal steam reforming of higher hydrocarbons: n-Decane, 
n-hexadecane, and JP-8. Applied Catalysis A: General, 2006. 307(2): p. 184-194. 
 
 
 
  
 
 
 
 
 
 
CHAPTER 5 
Experimental Analysis of Hydrothermal 
Reforming of n-Hexadecane under 
Nonoxidative Conditions 
 
This chapter investigates the hydrothermal gasification of hexadecane as a heavy hydrocarbon model for 
hydrogen and syngas generation. This experimental analysis was carried out in tubular flow reactor where 
water and hexadecane react at 525 - 605 oC and 150/220 bar under different residence times. Hydrogen and 
syngas formation was observed and quantified under the current conditions without significant formation of 
coke in the reactor. Residual hexadecane was also analysed for its contents of cracking products using GCMS. 
Investigating the temperature and residence time effects enabled determining the reaction kinetic data from 
which the activation energy, Ea, was determined to 263 kJ/mol (at 220 bar) and 202 kJ/mol (at 150 bar). The 
determined kinetic data were compared with previously reported results on high pressure pyrolysis of 
hexadecane and other hydrocarbons. The effects of increasing the water density by increasing the reactor 
pressure to (220 bar) was found in particular to enhance heat and mass transfer leading to a higher degree of 
conversion at lower temperatures, and increasing the ratio of n-alkane to 1-alkenes via in situ hydrogenation. 
Cracking was found to follow the free radical mechanism under both sub and supercritical conditions, 
producing nearly equi-molar distribution of n-alkanes and 1-alkenes, C7-C13, under lower conversions. 
Increasing the reaction temperature enhances the formation of 1-alkene via ß-scission, while increasing the 
pressure increases the formation n-alkanes via H-abstraction. In addition, it is found that the hydrothermal 
conditions have inhibited the formation of higher molecular weight hydrocarbons, C16+, via addition reactions. 
Results show the potential for a continuous process for hydrogen generation from heavy hydrocarbons using 
sub and supercritical water with minimised carbon formation. 
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5.1. Introduction  
The production of hydrogen and syngas by reforming of hydrocarbon in hydrothermal 
media is an area which requires further research. Previous literature on experimental work in 
this area was presented in Chapter 2 which includes the potential of conversion/gasification 
of hydrocarbons in SCW under catalytic partial oxidation conditions [1-3]. Studies also 
showed the potential for hydrogen production through the catalysis of steam reforming of 
heavy hydrocarbons, reporting different key kinetic data [4-7]. Additional literature was also 
reviewed including carbon rejection processes (pyrolysis, coking) which are other well 
established routes for heavy oil upgrading as well as gas generation [8]. Previous research on 
such high pressure pyrolysis was reported [3, 9-16] which aimed to understand the stability of 
oil under high pressure hydrothermal conditions over an extended period of time. Although 
such studies are useful in understanding various parametric effects, they were all carried out 
in catalytic batch-type reactors under long reaction times, limiting their potential for 
commercial scale-up. In addition, most studies on SCW gasification in tubular flow reactors 
made use of either biomass model compounds [17-25] or light hydrocarbons [26-28]. As 
discussed in Chapter 1, the application of hydrothermal conditions for the 
conversion/gasification of hydrocarbons offers unique reaction properties due to its unique 
physicochemical properties, which includes the significant reduction in its dielectric constant, 
the increase in ionic product (Kw), and the increase in the concentration of H+ and OH- ions 
[29].  
Flow systems are useful in not only obtaining reproducible kinetic data but they also offer 
more potential for commercial applications as they reduce the processing time, control 
product distribution while enabling better understanding of the reactor behaviour under 
different flow regimes.  
The previous chapter reports the thermodynamic analysis of the hydrothermal gasification 
of hexadecane identifying optimal conditions for maximising the yield of hydrogen for both 
hydrothermal gasification and partial oxidation scenarios [30]. This enabled understanding 
the effects of the reactor isothermal temperature, pressure, water to carbon ratio, and oxygen 
to carbon ratio on the theoretical molar yields of produced gaseous species at equilibrium 
with a complete conversion of the hydrocarbon feedstock. In this chapter we report a new set 
of experimental results on the gasification of n-hexadecane, under hydrothermal conditions 
where the effects of reactor temperature, pressure and residence time, are investigated in sub- 
and supercritical water, as a potential process for clean production of hydrogen from 
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underground heavy hydrocarbons resources. Complete product yield and first order kinetic 
analysis are derived from continuous flow experiments.  
 
5.2. Results and Discussion  
5.2.1. Gasification Reactions 
Gasification reactions are very complex but the major reactions involved in this process 
have been widely described elsewhere in the literature [27]. They include the steam 
reforming, water gas shift, methanation, partial oxidation, when oxidant is used, and 
pyrolysis reactions. Since the current study focuses on the high pressure steam reforming, 
partial oxidation reactions will not be discussed as a source of hydrogen generation. There are 
two primary reactions responsible for the production of Hydrogen, which are steam 
reforming (equation 5.1) and water gas shift (equation 5.2), and they may be combined under 
certain conditions as shown in equation 5.3. Heat of reactions have been estimated using 
Aspen HYSYS and the Peng-Robinson equation of state as reported previously [30]. The 
steam reforming of hexadecane (equation 5.1) is a highly endothermic reaction, whereas the 
water gas shift reaction (equation 5.2) is slightly exothermic and when the two reactions are 
combined together they become less endothermic (equation 5.3). Hydrogen may be 
consumed by side reactions which include the exothermic methanation reaction (equation 
5.4) favoured under low temperature conditions. In addition, hydrogen may be produced 
through the thermal pyrolysis of hexadecane (equation 5.5), which is another highly 
endothermic reaction producing hydrogen, carbon and lighter hydrocarbons.  
C16H34 + 16 H2O = 16 CO + 33 H2 
ΔH (25oC) = 2473.17 kJ/mole  
      (5.1) 
CO + H2O = CO2 + H2 
ΔH (25oC) = -41.39 kJ/mole 
(5.2) 
C16H34 + 32 H2O = 16CO2 + 49 H2 
ΔH (25oC) = 1811 kJ/mole 
(5.3) 
CO + 3 H2 = CH4 + H2O 
ΔH (25oC) = -206.12 kJ/mole 
(5.4) 
C16H34 = 17H2 + C 
ΔH (25oC) = 373.590 kJ/mole 
(5.5) 
CH4 =  C + 2H2  
ΔH (25oC) = 74.9 kJ/mol( 
(5.6) 
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5.2.2. Equilibrium Calculations  
Using the method of direct minimisation of Gibbs free energy and the Peng-Robinson 
equation of state, explained in Chapter 3 and reported in reference [30], equilibrium analysis 
of hydrothermal gasification of hexadecane, under the operating experimental conditions 
(565-605 oC, 150-220 bar, 33 wt% C16H34) has been undertaken in order to estimate the 
maximum theoretical yields of hydrogen and other gaseous species (CH4, CO, CO2) in sub 
(150 bar) and supercritical (220 bar) water. The equilibrium composition of the gases 
resulting from subcritical water gasification of hexadecane is shown in Figure (5.1a) where 
the yield of hydrogen starts to rise from 2.54 mol/mol, at 565 oC, to reach 3.40 mol/mol, at 
605 oC. The yield of CO is considerably lower compared with the yields of other gaseous 
species, and remains less than 0.26 mol/mol. Furthermore, the yield of methane shows a 
slight decrease with increasing temperature, and this is associated with a slight increase in the 
yield of CO2. These observations suggest that increasing the temperature inhibits methanation 
reactions (equation 5.4), while they promote the steam reforming and, to a certain extent, 
water gas shift reactions.   
In contrast, increasing the pressure to 220 bar would shift the gasification process into the 
supercritical water region, which shows a slight effect on the yield profile of gaseous species. 
This is illustrated in Figure (5.1b), where the yield of hydrogen slightly decreases from 2.54 
mol/mol (at 565 oC and 150 bar) to 2.02 mol/mol at (565 oC and 220 bar). In addition, 
methane, CO2, and CO, also show slightly decreased levels compared with subcritical 
conditions. This shows that increasing the pressure would inhibit the gasification reaction and 
reduce the overall process gasification efficiency.    
Hence, it is concluded that increasing the temperature promotes the steam reforming and 
reversed methanation reactions, and it inhibits forward methanation reaction which increases 
the overall gasification efficiency. On the other hand, increasing the pressure inhibits the 
gasification reaction and reduces the overall process efficiency. It is also found that it is 
possible to achieve, under the investigated experimental conditions, a complete conversion of 
hexadecane to hydrogen and methane (hythane), with very low CO fraction, which may be 
supplied to fuel cell or internal combustion applications if CO2 can be efficiently captured for 
alternative applications. 
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Figure 5.1: Equilibrium Molar yield of hexadecane hydrothermal gasification (28 wt%) at (a) 150 bar and (b) 220 bar  
5.2.3. Experimental Gas Analysis  
The effects of temperature, and residence time on the yield of different gaseous species 
(H2, CO, CH4, CO2) were investigated in sub and supercritical water media (150 bar & 220 
bar). The experimental yield and composition of gaseous species is compared with the 
equilibrium analysis, explained above, in order to establish how close to equilibrium the 
system can be driven at relatively short residence times.   
a) Temperature-Residence Time Effects at 150 bar 
The maximum gasification temperature achieved in this study was 605 oC above which 
coke formation would result in blocking the reactor system at the maximum residence time 
(11.09 s). Increasing the reactor residence time, at different temperatures, has shown 
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significant effects on the gaseous molar production rate and relative yield as shown in Figure 
(5.2).  
 
 
 
Figure 5.2: Temporal variation of molar production of gaseous species under subcritical conditions (150 bar) 
at (a) 565 oC , (b) 585 oC , and  (c) 605 oC  
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Hydrogen was the most sensitive gas to the variation in reactor temperature. By looking at 
Figure (5.2), it is found that the gaseous yield is in the order of CH4 > CO > H2 > CO2 at all 
residence times (11.09 s - 3.80 s), which compares well with the thermodynamic predictions 
in Figure (5.1). This also shows the low consumption of CO which is predicted 
thermodynamically to have the lowest yield. The yield of CO2 shows insignificant changes 
with the variation of residence and its yield remains the lowest among all other gaseous 
species.  
The hydrogen yield shows continuous increase as the residence time increases from 3.80 
to 11.09 s. This increase also becomes sharper at higher temperatures reaching 3.16x10-3 
mole/mole (26.04 mol%) at 605 oC and 11.09 s, as shown in Figure (5.2c). It is also found 
that the yield of hydrogen diminishes as the residence time is shortened (3.8 s) for all reactor 
temperatures selected (605 - 565 oC). The production of hydrogen shows the occurrence of 
the reforming reaction between hexadecane and steam as well as the water gas shift reaction, 
equations (5.1-5.3), which offers a new and promising route for the application of sub and 
supercritical water for hydrogen generation in the absence of catalytic and partial oxidative 
conditions. Nonetheless, the hydrogen yield reported in other experimental studies, is much 
higher compared with the currently obtained yield. For example, Susanti et al [27], showed 
that hydrogen yield, during the noncatalytic supercritical water gasification of iso-octane, was 
maximised up to a value of 12 mol/mol, which is very close to the equilibrium value (13 
mol/mol) and this was obtained at a temperature of 763 ± 2 oC, a pressure of 250 bar, and a 
residence time of 91 s. This is not surprising because of they have a factor of 10 residence 
time compared with the residence time in our study, and they also have a higher temperature. 
Additionally, Pinkwart et al [31] showed that hydrogen yield during the supercritical water 
gasification of n-decane (20 vol%) approaches 0.05 mole/mole, at a temperature of 550 oC, a 
pressure of 250 bar, and a residence time of 31 s. These results show that the main parameters 
affecting the yield of hydrogen are the feed carbon number, residence time, feed 
concentration, oxygen concentration, and more importantly, the reactor temperature.  
In the current study, the yield of hydrogen yield did not exceed 3.16x10-3 mol/mol, which 
equates to 26.04 mol% in the gas phase, at 605 oC, and 150 bar. This corresponds to only 
0.10% of the equilibrium yield (3.40 mol/mol). This may be justified by the very low 
residence time (11.09 s) compared with reported literature, in addition to the use of a 
hydrocarbon with a significantly higher carbon number (C16). 
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The formation of CO results from the steam reforming reaction of hexadecane. At 150 
bar, the production of CO shows initial increase as the residence time increases reaching a 
maximum of 9.94x10-4 mol/mol(C16) and 1.17x10-3 mol/mol(C16)  at 565 oC and 585 oC 
respectively, as shown in Figures (5.2a & c). The production of CO, then, declines as the 
residence time increases to 11.09 s, which suggests its enhanced consumption by the water 
gas shift reaction as conversion increases at higher residence times. This also agrees with the 
molar production of hydrogen explained above which continues to increase at higher 
residence time, with decreasing levels of CO. It was reported that increasing the residence 
time would decrease the molar yield of CO due to the enhancement in the water gas shift 
reaction consuming CO and maximising the yield of hydrogen as shown in equation (5.2) 
[27]. This is illustrated by looking into the relative yield of CO, shown in Figures (5.2), 
where the CO yield shows continuous decrease with increasing residence times. Combining 
the observation of hydrogen and CO yields it is suggested that the role of water gas shift 
reaction is key in maximising the yield of hydrogen during this type of gasification processes. 
The maximum yield of CO is 3.10x10-3 mol/mol obtained at 605 oC, 150 bar, and 11.09 s, 
which corresponds to 1.19% of the equilibrium value 0.26 mol/mol.  
The production of methane is found to be the largest compared with the production of 
other gaseous species. The yield of methane also shows a comparable trend to the yield of 
CO as the residence time increases. Methane may be formed by the endothermic cracking of 
hydrocarbons as well as the exothermic hydrogenation of CO and C, as shown in equations 
(5.4 & 5.6). Previous reports have attributed the increase in methane yield with increasing 
temperatures to the non-equilibrium methanation reactions at very low residence times [28]. 
In this study, however, the rise of methane yield as the temperature increases may be 
attributed to the non-equilibrium endothermic pyrolysis of heavier hydrocarbon gases C2-C4. 
The maximum yield achieved in this study is 5.45x10-4 mol/mol at 605 oC, 150 bar, and 11.09 
s. This value corresponds to 0.01% of the equilibrium yield of methane under the same 
conditions. The high methane yield obtained in this study shows that it is a very promising 
route to achieve commercial production of hythane (a mixture of hydrogen and methane) 
providing cleaner and more efficient combustion.  
b) Effects of Supercritical Pressure on Gaseous Yield 
Looking at Figure (5.3), where the effects of the residence time on the yields of gaseous 
species are shown under supercritical water condition (220 bar), it is evident that the increase 
in the yield of hydrogen with time is not as significant as it is in the subcritical region. This 
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minor increase is in agreement with the thermodynamic analysis shown in Figure (5.1) which 
shows that the yield of hydrogen decreases as the pressure increases from 150 bar to 220 bar, 
and this is related to the activity of water gas shift reaction. Increasing the temperature to 585 
oC and 595 oC, at 220 bar, has not significantly improved the yield of hydrogen which 
reaches 7.49x10-4 mol/mol(C16) at 585 oC, and 8.14x10-4 mol/mol(C16)  at 595 oC and 13.89 s, 
as shown in Figures (5.3b & c). 
The trend of the CO relative yield remains similar to its trend in the subcritical region, 
though at a much higher yield 41.93 - 36.01 mol%, and it decreases with increasing residence 
time as a result of the enhanced forward water gas shift reaction. However, its molar 
production continues to increase, without reaching a maximum, for the investigated current 
range of residence times (4.70 s – 13.89 s) which shows the low activity of the water gas shift 
reaction compared with the subcritical state where a maximum production of CO was 
observed at 6.57 s at 585 oC and 565 oC. The higher yield of CO at 220 bar shows that the 
syngas produced under these conditions has a lower H2 to CO ratio. 
Resende et al [24] investigated the effects of water density, which increases with 
increasing pressure, on the hydrogen yield during noncatalytic gasification of cellulose and 
lignin. They concluded that the effect of the water density on the water gas shift reaction is 
unclear and it depends in the range of water density being studied. They also stated that 
higher water densities would lead to more water molecules per unit volume, leading to more 
collisions, and thus increasing the reaction rate.  
The increase in pressure to 220 bar, also caused the molar yield and production of 
methane to decrease slightly compared with 150 bar. Increasing the residence time showed 
more observable effects on increasing the methane yield between 7.35x10-4 mol/mol(C16) 
(37.32 mol%) to 1.95x10-3 mol/mol (46.57 mol%), at 595 oC. The decrease in temperature, 
however, showed less effect on the yield of methane, compared with its effects at 150 bar, 
that the methane reaches nearly an equal maximum of around 1.53x10-3 (nearly 43 mol%) at 
565 and 585 oC when the residence time is 13.89 s. The decrease in the yield of methane with 
increasing residence time, may be attributed to the enhanced reverse methanation reaction. 
This reverse methanation is also expected to contribute to the enhanced yield in hydrogen 
production.   
The yield of CO2 shows a slight rise with increasing the pressure to 220 bar which agrees 
with the thermodynamic prediction in Figure (5.1). However, its yield continues to remain 
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almost constant at varying residence times and the lowest among all other gaseous species, < 
4 mol%. The yield of CO2 rises from 5.10x 10-5 to 8.10x10-5 mol/mol(C16)  as the pressure is 
raised from 150 bar (τ = 5.09 s) to 220 bar (τ = 5.69 s) at 585 oC.  
 
 
 
Figure 5.3: Temporal variation of molar production of gaseous species under supercritical conditions at (a) 565 
oC , (b) 585 oC , and  (c) 595 oC  
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5.2.4. Oil Phase Analysis  
a) GC-MS Qualitative Analysis 
In addition to the gas analysis explained above, residual oil samples were analysed using 
GCMS as shown in the chromatograms in Figure (5.4). The chromatograms show different 
product species resulting from the cracking of hexadecane at different retention times. The 
mass spectrometer analysis was used to initially indentify each formed species before final 
authentication through their retention times using an n-alkanes GC standard solution. For 
both the supercritical and subcritical systems, it was found that hexadecane cracks into 
smaller n-alkane and 1-alkene hydrocarbons ranging from C15 to C1 suggesting that the 
reaction followed the free radical chain mechanism, shown in Scheme (5.1), as proposed 
earlier by Rice and Herzfeld [32]. The free radical pyrolysis mechanism assumes that 
decomposition of single carbon bond, C-C, by the removal of one hydrogen atom producing a 
highly reactive radical that undergoes a series of reactions, ß-scission, hydrogen abstraction, 
isomerisation, and addition reactions, before it terminates by combining with another free 
radical to a form a stable n-alkane.  
Decomposition 
  nRRHCn 3416  
 
Hydrogen Abstraction: 
33163416 HCHRHCnR
   
 
ß-Scission 
1223316
4229143316
sec 




nnmm HCHCHC
HCHCpriHCpri
 
 
Addition 

  1633162 nCHCHC mm  
 
Termination 
alkanenRR    
Scheme 5.1: Free Radical Pyrolysis of Hexadecane, Tsuzuki [6] 
The presence of supercritical water may induce further reactions as shown in Scheme (5.2); 
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b) n-Alkane to 1-Alkene Ratio 
The molar ratio of n-alkanes to 1-alkenes (C-C/C=C) was determined at different reaction 
conditions as shown in Figure (5.5). This ratio remains mostly less than unity showing the 
low hydrogen selectivity required to increase the yield of n-alkanes by saturating the double 
bond of their respective 1-alkenes. The increase in conversion, at higher temperatures and 
residence times, increases the C-C/C=C ratio as may be seen in Figures (5.5a, b & c). This 
may be attributed to the increase in hydrogen selectivity at higher temperatures, which 
increases the yield of n-alkanes over their respective alkenes-1 by enhancing saturation 
reactions. In fact, a ratio higher than unity was achieved for C13 at a temperature of 585 oC, 
and  a residence time of 13.89 s, at which a conversion of around 55% was achieved under 
supercritical conditions (220 bar), as seen in Figure (5.5a). This may be compared with 
previously reported work where the C-C/C=C ratio exceeded unity in the presence of injected 
oxygen which increases the hydrogen yield through partial oxidation in supercritical water 
compared with the lower ratio, less than 1, which was obtained under non-oxidative pyrolysis 
of n-hexadecane in SCW [36]. 
Furthermore, a high selectivity towards producing lower weight hydrocarbons (<C13) was 
observed in the current work. The low selectivity towards C15 and C14 was observed in earlier 
work to result from the high bond strength of C-C methyl and ethyl bonds forming C15 
especially at low conversions [10]. This also shows the greater tendency for large radicals to 
decompose into smaller radicals [13-14].    
By comparing Figures (5.5a & d), it is observed that increasing pressure from 150 bar to 
220 bar increases the C-C/C=C ratio due to the increase in conversion. In addition, while 
increasing the temperature enhances the decomposition and ß-scission reaction forming 
smaller 1-alkenes, increasing the pressure enhances the hydrogen abstraction and radical 
addition to form stable n-alkanes. Higher pressure increases conversion by accelerating the 
rate of chain transfer reactions which enhances the selectivity of liquid phase products while 
it reduces gas generation as observed in this study [10].  
The tendency to form an equi-molar distribution of n-alkanes and 1-alkenes, i.e, equal 
ratio of n-alkane to 1-alkene at different carbon numbers, is observed at lower reaction 
temperatures. For instance, it is observed that the C-C/C=C ratio is almost constant at 0.25 
between C7 – C13 when the temperature is 525 oC, and the residence time is 13.89 s, at 220 
bar, Figure (5.5a). A similar trend is also observed between C7-C12 at 565 oC and 7.09 s, 
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Figure (5.5b), and C7-C13 at temperatures of 565 oC and 585 oC and a residence time of 4.70 
s, Figure (5.5c). This suggests that reducing the conversion by decreasing the temperature and 
residence time enhances the tendency to follow the single step F-S-S free radical cracking 
mechanism suggested earlier by Fabuss, Satterfield, and Smith [37-38]. Similar trends for the 
C-C/C=C ratio were also reported by Watanabe et al [3] who observed nearly equi-molar 
distribution between C12-C7 during anhydrous high pressure pyrolysis of n-hexadecane at 420 
- 450 oC. However, another work by Arai et al [36] did not show an equi-molar distribution 
of the C-C/C=C ratio at a temperature of 400 oC and a long reaction time of 60 min, in a 
batch system.  
  
  
Figure 5.5: Variation of n-Alkane to 1-Alkene Ratio for supercritical conditions (a) 13.89 s (b) 7.09 s (c) 4.7 s, 
and subcritical conditions (d) 11.09 s   
The deviation from equi-molar distribution of produced cracking products is also 
observed as the reactor pressure decreases to 150 bar, Figure (5.5d). The decrease in pressure 
to 150 bar causes a major reduction in the attainable conversion while reducing the selectivity 
of n-alkane over 1-alkene. This suggests that lower pressures enhance the tendency for 
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cracking to occur in a number of steps rather than the single-step F-S-S free radical 
mechanism [37-38]. 
It is, hence, concluded that under supercritical conditions, increasing the conversion, at 
higher temperatures and residence times, leads to a significant increase in the n-alkane to 1-
alkene ratio. However, the formation of an equi-molar distribution of cracking products 
through a single step mechanism is enhanced at lower temperatures and residence times.   
 
c) Conversion Profile and Kinetic Data 
i. Conversion 
As shown in Figure (5.6) below, the hexadecane fractional conversion (X) increases with 
increasing temperature and residence time (τ), as fitted by a first order rate equation (5.6). 
 
 
 
This correlation assumes that the reaction follows first order kinetics and the reactor 
obeys plug flow behaviour. 
The conversion profile shows a reasonable agreement with the first order kinetic model 
depicted as observed by the straight lines passing through the origin, which also agrees with 
previous reports on cracking of heavy alkanes [12, 14]. The increase in the hexadecane 
conversion showed a significant observable increase in the gaseous flowrate, as explained 
above. Furthermore, the fractional conversion, shown in Figure (5.6), shows that a high 
conversion of around 75% may be achieved when the residence time is increased to 13.89 s, 
at 595 oC and 220 bar. It is also observed that increasing the pressure to supercritical 
conditions (220 bar) not only increases the conversion but also shows more pronounced 
temperature effects due to the enhancement of mass and heat transfer. This may be observed 
by comparing the conversion profiles in Figure (5.6a & b) for the sub and supercritical 
conditions.  
The increase in oil conversion was observed further by the change in oil colour and 
volumetric quantity collected from the phase separator. The volumetric fraction of the oil 
collected decreased with increasing conversion at higher temperatures and residence times, 
with a significant change in oil colour. Higher conversions also resulted in the decrease of 
boiling point, density and viscosity compared with the n-hexadecane feedstock. This 
 
gkX






1
1
ln (5.6) 
CHAPTER 5: Experimental Analysis of Hydrothermal Reforming of n-Hexadecane under Non-Oxidative Conditions 
122 
 
confirms the increase of lighter hydrocarbons (<C16) content at higher conversions. This has 
not been reported in previous studies which observed an increase in of heavier hydrocarbons 
content at higher conversions, caused by alkyl addition reactions [34]. Susanti et al [27] 
reported similar observation on the colour change of isooctane residue with increasing reactor 
temperature. On the other hand, Wu et al [39] related the change in oil colour to the reactor 
wall effects and presence of oxygen. During thermal cracking of n-hexadecane they did not 
observe any change in oil colour, which was attributed to the complete absence of oxygen 
and low wall effects, which may have been the case in our system.  
 
 
Figure 5.6: Conversion Profile (1st Order) and Arrhenius Plot at (a) 220 and (b) 150 bar 
ii. Kinetics 
The global reaction rate, kg, constant was estimated using the Arrhenius law, as shown in 
Figures (5.7) for both super and subcritical conditions. The error bars shown in the graph 
show the deviation from the average logarithmic values of the rate constant obtained at 
different residence times. The values of R2 obtained for the super and subcritical conditions 
are nearly 0.98 and 0.96, respectively. 
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Figure 5.7: Arrhenius plot for sub and supercritical water gasification of n-hexadecane 
It is observed that the conversion data plotted in Figure (5.6) appear to obey the Arrhenius 
behaviour, as shown in Figure (5.7). This suggests that the hydrothermal conversion of 
hexadecane under the current conditions, sub and supercritical, is a radical reaction, 
compared with ionic reactions reported for other model compounds/conditions [40]. To 
illustrate, Promdej and Matsumura [40] found that the hydrothermal conversion of glucose is 
an ionic reaction when operating under subcritical conditions  (573 K and 250 bar) and it 
becomes radical in the supercritical region (733 K and 250 bar). This was confirmed by the 
observation that radical reactions, in the supercritical region, showed good agreement with 
the Arrhenius behaviour, while ionic reactions, in subcritical conditions deviated from the 
Arrhenius behaviour. In our work, however, reducing the pressure to 150 bar resulted in a 
gas-phase, high-pressure steam reforming reaction observed previously to follow the free 
radical mechanism [35]. This shows operating in a subcritical water regime, by decreasing 
the pressure to less than 220 bar at a constant supercritical temperature, >374 oC, follows a 
different reaction mechanism (radical) when compared to creating subcritical conditions by 
decreasing the temperature to less than 374 oC, at a constant supercritical pressure, >220 bar.      
In the current analysis, Figure (5.7) shows the Arrhenius plot showing the average values 
of ln[kg], obtained at different residence times, against the reciprocal of the reactor 
temperature, 1000/T [K-1]. Using the least square method the reaction activation energies (Ea) 
were determined to be (263.68 kJ/mole) and (202 kJ/mol) for both super and subcritical 
conditions, respectively. Furthermore, the pre-exponential frequency factor (A) was 
determined to be 7.36x1014 s-1, and 2.29x1012 s-1 at 220 bar and 150 bar, respectively, as 
shown in the resulting equations (5.7 & 5.8).  
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The effect of pressure is obvious by the higher activation energy obtained under 
supercritical conditions. Tsuzuki et al [12] related the increase in activation energy at higher 
pressures to the suppression effect of a higher density on the radical chain mechanism due to 
the faster recombination rates. Table (5.1) compares the kinetic data reported in this work 
with different previously reported kinetic results on n-hexadecane cracking both in hydrous 
and anhydrous media. The high activation energy obtained in this work with increasing 
pressure is associated with a frequency factor of (7.36x1014 s-1) which is significantly higher 
than previously reported values for systems under either low pressure steam cracking or 
anhydrous pyrolysis of n-hexadecane. The lower activation energy determined for subcritical 
conditions in this work shows a significantly lower frequency factor of (2.29x1012 s-1).  
Previous work on low pressure steam reforming of n-hexadecane [42] reported a value 
162 kJ/mol for the activation energy, which is lower than the value that we obtained in this 
work for the subcritical region. However, their steam to carbon ratio is relatively higher, 3:1, 
than our ratio which may point towards an effect of the feed concentration on the value of 
activation energy compared with pressure and temperature. Another observation is that the 
values obtained for the activation energy are very close to those reported for high pressure 
anhydrous pyrolysis of n-hexadecane. Yu and Eser [14] reported that pressure and 
temperature do not have significant effects on the values of activation energy while 
comparing different results on cracking of hydrocarbons. However, our results show that 
increasing the pressure, at constant temperature, shows an observable increase in the 
activation energy. 
 
 
 
 
 
 
 
(5.7) 
(5.8) 
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Table 5.1: Comparison of Kinetic Data 
Reference 
E 
[kJ/mol] 
 
A 
[s-1] 
 
 
Remarks 
 
 
Tsuzuki et al. [12] 
 
 
318.20 
 
 
1.08x1019 
 
 
370-410 oC, 250-490 bar 
hydrothermal pyrolysis  
 
Khorasheh & Gray 
[34] 
 
 
280.06 
 
 
11.06x108 
 
 
380-450 oC, 139 bar, , 1.5-
10% conversion, Anhydrous 
 
Watanabe et al. [3] 
 
 
263/196 
 
- 
 
Anhydrous pyrolysis;  
0.22/0.07 mol/L 
 
Jackson et al. [10] 309.32 3.00x1019 
Anhydrous 300-370oC 
150-600 bar 
 
Ford [16] 
 
249.13 
 
3.16x1014 
 
Anhydrous 330-370 oC 
Depeyre et al [35] 
 
57  
(quartz) 
238.26  
9.6x1013 
 
Steam Reforming (1atm)  
600-850 oC 
Bartekova & Bajus  
[41] 
162  3.5 x 109 
 
700 to 780 °C 
Steam to hydrocarbon 3:1 
 
Yong et al.  [42] 300  - 
420 - 460℃ and 23-27MPa in 
SCW 
 
This Work 
 
 
263.68 
±1.40  
 
7.36x1014 Supercritical (220 bar) 
 
This Work 
 
 
202.20 
± 1.31 
 
2.29x1012 Subcritical (150 bar) 
 
5.3. Conclusions 
This work reports new results on investigating the effects of temperature, pressure, and 
reactor residence time on the hydrogen production via hydrothermal gasification of n-
hexadecane in a tubular flow reactor. It is found that as the temperature increases, the yields 
of H2 and CO2 increase, which suggests the enhancement of the WGS reaction. This shows 
the need for the use of catalyst to drive the WGS closer to equilibrium at relatively short 
residence times. The gasification in hydrothermal media carried out in this work led to 
minimising carbon formation which presents a major challenge to conventional hydrogen 
production processes.  
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The decrease in pressure from 220 bar to 150 bar enhanced the yields of gaseous species 
and reduced the yields of liquid species. The yields of liquid species was found to follow the 
free radical pyrolysis mechanism through which the yield of 1-alkenes has always been 
higher than the yield of n-alkanes suggesting the low hydrogen selectivity the dominance of 
ß-scission over hydrogen abstraction. New kinetic data have been determined for uncatalysed 
hydrothermal gasification of hexadecane which may be used for reactor and process 
modelling for production of hydrogen and syngas.  
Next chapter will include investigating the effects of partial oxidation on the conversion 
of hexadecane and reactor modelling using produced kinetic data.   
 
References 
[1] Watanabe, M., et al., Catalytic effects of NaOH and ZrO2 for partial oxidative 
gasification of n-hexadecane and lignin in supercritical water. Fuel, 2003. 82(5): p. 
545-552. 
[2] Watanabe, M., et al., Partial oxidation of n-hexadecane and polyethylene in 
supercritical water. The Journal of Supercritical Fluids, 2001. 20(3): p. 257-266. 
[3] Watanabe, M., et al., Kinetics and product distribution of n-hexadecane pyrolysis. 
AIChE Journal, 2000. 46(4): p. 843-856. 
[4] Fauteux-Lefebvre, C., et al., Steam reforming of liquid hydrocarbons over a Nickel–
Alumina spinel catalyst. Journal of Power Sources, 2010. 195(10): p. 3275-3283. 
[5] Goud, S.K., et al., Steam reforming of n-hexadecane using a catalyst: Kinetics of 
catalyst deactivation. International Journal of Hydrogen Energy, 2007. 32(14): p. 
2868-2874. 
[6] Kim, D.H., et al., Steam reforming of n-hexadecane over noble metal-modified Ni-
based catalysts. Catalysis Today, 2008. 136(3–4): p. 228-234. 
[7] Thormann, J., et al., Steam reforming of hexadecane over a Rh/CeO2 catalyst in 
microchannels: Experimental and numerical investigation. International Journal of 
Hydrogen Energy, 2009. 34(12): p. 5108-5120. 
[8] Weissman, J.G., Review of processes for downhole catalytic upgrading of heavy 
crude oil. Fuel Processing Technology, 1997. 50(2–3): p. 199-213. 
CHAPTER 5: Experimental Analysis of Hydrothermal Reforming of n-Hexadecane under Non-Oxidative Conditions 
127 
 
[9] Weres, O., A.S. Newton, and L. Tsao, Hydrous pyrolysis of alkanes, alkenes, alcohols 
and ethers. Organic Geochemistry, 1988. 12(5): p. 433-444. 
[10] Jackson, K.J., et al., Temperature and pressure dependence of n-hexadecane 
cracking. Organic Geochemistry, 1995. 23(10): p. 941-953. 
[11] Domine, F., Kinetics of hexane pyrolysis at very high pressures. 1. Experimental 
study. Energy & Fuels, 1989. 3(1): p. 89-96. 
[12] Tsuzuki, N., et al., The kinetic modeling of oil cracking by hydrothermal pyrolysis 
experiments. International Journal of Coal Geology, 1999. 39(1–3): p. 227-250. 
[13] Yu, J. and S. Eser, Thermal decomposition of C10−C14 normal alkanes in near-critical 
and supercritical regions: Product distributions and reaction mechanisms. Industrial 
& Engineering Chemistry Research, 1997. 36(3): p. 574-584. 
[14] Yu, J. and S. Eser, Kinetics of supercritical-phase thermal decomposition of C10−C14 
normal alkanes and their mixtures. Industrial & Engineering Chemistry Research, 
1997. 36(3): p. 585-591. 
[15] Fairburn, J.A., L.A. Behie, and W.Y. Svrcek, Ultrapyrolysis of n-hexadecane in a 
novel micro-reactor. Fuel, 1990. 69(12): p. 1537-1545. 
[16] Ford, T.J., Liquid-phase thermal decomposition of hexadecane: reaction mechanisms. 
Industrial & Engineering Chemistry Fundamentals, 1986. 25(2): p. 240-243. 
[17] Lu, Y.J., et al., Hydrogen production by biomass gasification in supercritical water: A 
parametric study. International Journal of Hydrogen Energy, 2006. 31(7): p. 822-831. 
[18] Kruse, A., Hydrothermal biomass gasification. The Journal of Supercritical Fluids, 
2009. 47(3): p. 391-399. 
[19] Antal, M.J., et al., Biomass gasification in supercritical water. Industrial & 
Engineering Chemistry Research, 2000. 39(11): p. 4040-4053. 
[20] Yoshida, T. and Y. Oshima, Partial oxidative and catalytic biomass gasification in 
supercritical water: A promising flow reactor system. Industrial & Engineering 
Chemistry Research, 2004. 43(15): p. 4097-4104. 
[21] Guo, S., et al., Hydrogen production from glycerol by supercritical water gasification 
in a continuous flow tubular reactor. International Journal of Hydrogen Energy, 2012. 
37(7): p. 5559-5568. 
CHAPTER 5: Experimental Analysis of Hydrothermal Reforming of n-Hexadecane under Non-Oxidative Conditions 
128 
 
[22] Williams, P.T. and J. Onwudili, Composition of products from the supercritical water 
gasification of glucose: A model biomass compound. Industrial & Engineering 
Chemistry Research, 2005. 44(23): p. 8739-8749. 
[23] Guan, Q., P.E. Savage, and C. Wei, Gasification of alga nannochloropsis sp. in 
supercritical water. The Journal of Supercritical Fluids, 2012. 61(0): p. 139-145. 
[24] Resende, F.L.P., et al., Noncatalytic gasification of lignin in supercritical water. 
Energy & Fuels, 2008. 22(2): p. 1328-1334. 
[25] Susanti, R.F., et al., High-yield hydrogen production from glucose by supercritical 
water gasification without added catalyst. International Journal of Hydrogen Energy, 
2012. 37(16): p. 11677-11690. 
[26] Sato, T., et al., Analysis of the density effect on partial oxidation of methane in 
supercritical water. The Journal of Supercritical Fluids, 2004. 28(1): p. 69-77. 
[27] Susanti, R.F., et al., Noncatalytic gasification of isooctane in supercritical water: A 
Strategy for high-yield hydrogen production. International Journal of Hydrogen 
Energy, 2011. 36(6): p. 3895-3906. 
[28] Susanti, R.F., et al., Continuous supercritical water gasification of isooctane: A 
promising reactor design. International Journal of Hydrogen Energy, 2010. 35(5): p. 
1957-1970. 
[29] Savage, P.E., Organic Chemical Reactions in Supercritical Water. Chemical 
Reviews, 1999. 99(2): p. 603-622. 
[30] Alshammari, Y.M. and K. Hellgardt, Thermodynamic analysis of hydrogen 
production via hydrothermal gasification of hexadecane. International Journal of 
Hydrogen Energy, 2012. 37(7): p. 5656-5664. 
[31] Pinkwart, K., et al., Gasification of diesel oil in supercritical water for fuel cells. 
Journal of Power Sources, 2004. 136(2): p. 211-214. 
[32] Rice, F.O. and K.F. Herzfeld, The thermal decomposition of organic compounds from 
the standpoint of free radicals. VI. The mechanism of some chain reactions. Journal of 
the American Chemical Society, 1934. 56(2): p. 284-289. 
CHAPTER 5: Experimental Analysis of Hydrothermal Reforming of n-Hexadecane under Non-Oxidative Conditions 
129 
 
[33] Kossiakoff, A. and F.O. Rice, Thermal decomposition of hydrocarbons, resonance 
stabilization and isomerization of free radicals1. Journal of the American Chemical 
Society, 1943. 65(4): p. 590-595. 
[34] Khorasheh, F. and M.R. Gray, High-pressure thermal cracking of n-hexadecane. 
Industrial & Engineering Chemistry Research, 1993. 32(9): p. 1853-1863. 
[35] Depeyre, D., C. Flicoteaux, and C. Chardaire, Pure n-hexadecane thermal steam 
cracking. Industrial & Engineering Chemistry Process Design and Development, 
1985. 24(4): p. 1251-1258. 
[36] Arai, K., T. Adschiri, and M. Watanabe, Hydrogenation of hydrocarbons through 
partial oxidation in supercritical water. Industrial & Engineering Chemistry 
Research, 2000. 39(12): p. 4697-4701. 
[37] Fabuss, B.M., et al., Thermal decomposition rates of saturated cyclic hydrocarbons. 
Industrial & Engineering Chemistry Process Design and Development, 1964. 3(3): p. 
248-254. 
[38] Fabuss, B.M., et al., Rapid thermal cracking of n-hexadecane at elevated pressures. 
Industrial & Engineering Chemistry Process Design and Development, 1962. 1(4): p. 
293-299. 
[39] Wu, G., et al., Comparison of liquid-phase and gas-phase pure thermal cracking of n-
hexadecane. Industrial & Engineering Chemistry Research, 1996. 35(12): p. 4747-
4754. 
[40] Promdej, C. and Y. Matsumura, Temperature effect on hydrothermal decomposition 
of glucose in sub- and supercritical water. Industrial & Engineering Chemistry 
Research, 2011. 50(14): p. 8492-8497. 
[41] Bartekova, E. and M. Bajus, Pyrolysis of hexadecane. Collection of Czechoslovak 
chemical communications, 1997. 62(7): p. 1057-1069. 
[42] Yong, D., et al., Pyrolysis of hexadecane as model compound in supercritical water. 
Petrochemical Technology, 2006. 35(7): p. 633. 
 
 
  
  
  
 
 
CHAPTER 6 
Partial Oxidation of n-Hexadecane 
through Decomposition of Hydrogen 
Peroxide in Supercritical Water  
This chapter reports the experimental analysis of partial oxidation of n-hexadecane under supercritical water 
conditions. A novel reactor flow system was developed which allows for total decomposition of hydrogen 
peroxide in a separate reactor followed partial oxidation of n-hexadecane in a gasification reactor instead of 
having both reactions in one reactor. The kinetics of hydrothermal decomposition of hydrogen peroxide was 
studied in order to confirm its full conversion into water and oxygen under the desired partial oxidation 
conditions, and the kinetic data were found in a good agreement with previously reported literature. The profile 
of C-C/C=C ratio was studied which showed the favourable conditions for maximising yields of n-alkanes via 
hydrogenation of their corresponding 1-alkenes. Enhanced hydrogenation of 1-alkenes was observed at higher 
O/C ratios and higher residence times, shown by the increase in the C-C/C=C ratio to more than unity, while 
increasing the temperature has shown much less effect on the C-C/C=C ratio at the current experimental 
conditions. Furthermore, GCMS analysis of liquid samples revealed the formation of heavy oxygenated 
compounds which may suggest a new addition reaction to account for their formation under the current 
experimental conditions. Results show new promising routes for hydrogen production with in situ hydrogenation 
of heavy hydrocarbons in a supercritical water reactor.   
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6.1. Introduction 
Based on the reviewed literature in Chapter 2, it was found that hydrogen generation via 
partial oxidation in supercritical water (SCW) is a promising route towards upgrading and 
producing hydrogen from low value heavy hydrocarbons, which may contain sulphur and 
metal contents [1-8]. Yet, very few papers have addressed the kinetics and reactor modelling 
under of such feedstocks in tubular flow systems. Arai et al [2] showed that in situ 
hydrogenation of hydrocarbons via partial oxidation in supercritical water (SCW) proceeds 
faster than hydrogenation under those conditions in the absence of partial oxidative regimes 
due to the higher activity of the water gas shift reaction under partial oxidation conditions. In 
the previous chapters, we have carried out a thermodynamic analysis [9] and a detailed 
experimental analysis of the reforming of n-hexadecane in sub- and supercritical water under 
non-oxidative conditions at temperatures above 550 oC. We observed, in our previous study, 
that the significant increase in temperature, above 600 oC, causes the reactor to block by 
excessive of coke, and hence it would be useful for hydrogen to be produced at lower starting 
temperatures which reduces energy requirements of reforming processes. In addition, 
reducing the starting reaction temperature is necessary if hydrothermal gasification is to be 
conducted under downhole conditions where reservoir temperature may vary from 150-300 
oC, depending on the depth and geological properties. 
In this chapter, we investigate the effect of partial oxidation on the hydrothermal 
reforming of n-hexadecane at varying gasification temperatures, O/C ratios, and residence 
times. The reactor system, used in the previous chapter, was modified to accommodate two 
¼” reactors for separate decomposition of hydrogen peroxide and partial oxidation of n-
hexadecane, as discussed in the experimental description in Chapter 3. The chemical 
equations considered in this study are shown below, (6.1-6.4), which account for 
decomposition of hydrogen peroxide (6.1), partial oxidation of n-hexadecane (6.2), followed 
by the water gas shift reaction (6.3), in addition to the total oxidation of n-hexadecane (6.4) 
needed to work out the stoichiometric oxygen requirements for partial oxidation of n-
hexadecane.  
𝐻2𝑂2 →  𝑂2 + 𝐻2𝑂 (6.1) 
𝐶16𝐻34 +  8 𝑂2 → 16 𝐶𝑂 + 17𝐻2 (6.2) 
𝐶16𝐻34 + 24.5 𝑂2 → 16 𝐶𝑂2 + 17𝐻2𝑂 (6.3) 
𝐶𝑂 + 𝐻2𝑂 →  𝐶𝑂2 + 𝐻2 (6.4) 
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6.2. Results and Discussion 
6.2.1. H2O2 Decomposition  
In order to ensure total decomposition of H2O2 to supply the required molar rates of 
oxygen for partial oxidation of n-hexadecane, the hydrothermal decomposition of H2O2 was 
studied under various reaction temperatures (150 – 250 oC), and residence times. The initial 
concentration of hydrogen peroxide defined here is that of the prepared solution before it is 
injected into the reactor. This concentration was confirmed through additional UV-Vis 
analysis at the end of each experiment. It was found that increasing both the residence time 
(25 – 40 s) and temperature (150 – 250 oC) increases the conversion of H2O2 into water and 
oxygen. The final concentration of each sample obtained at a given temperature and residence 
time was analysed using the UV-Vis system as shown in Figure (6.1).  
Correlating the absorbance obtained for each sample at a wavelength of 410 nm, which 
shows the sharpest peak, with the hydrogen peroxide concentration led to producing a 
calibration plot shown in Figure (6.2a). This enabled determining the final concentration for 
each sample, and hence, the fractional conversion as shown in Figure (6.2a). By looking at 
the absorbance chromatogram in Figure (6.1), it is clearly shown that, increasing both the 
temperature and residence time reduces the absorbance from 0.30 to 0.12 AU, which 
indicates the decrease in the hydrogen peroxide concentration, and the increase in its 
conversion, as shown in Figure (6.2a). It is also observed that raising the temperature from 
150 oC to 200 oC causes a larger increase in the hydrogen peroxide conversion, compared 
with its increase between 200 and 250 oC. To illustrate, the conversion increases by 60% 
when the temperature is raised from 150 oC to 200 oC at a residence time of 65.07 s. Further 
increase in the temperature to 250 oC causes only 20% increase in the conversion at the same 
residence time (65.07 s). 
Full conversion was observed when the temperature was raised to 400 oC, at a residence 
time of 39.07 s. This was confirmed using a detecting paper as well as the TiSO4 solution 
which showed no change in colour while testing the produced hydrogen peroxide sample 
processed hydrothermally at 400 oC. Similar observation was also reported by Croiset et al. 
[10] while working under similar conditions. 
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Figure 6.1: Change in the UV-Vis absorbance at different residence times for different temperatures 
Figure (6.2a) shows a plot of the conversion profile of hydrogen peroxide against the 
residence time at different temperatures using the first order plug flow model, equation (6.1). 
  gkX 1ln  
(6.1) 
The straight lines obtained in the plot confirm that the decomposition of hydrogen 
peroxide follows a first order kinetic model. Furthermore, the occurrence of lines not passing 
through the origin at T = 200 and 250 oC indicates the decomposition of peroxide prior to 
entry into the reactor, caused by heated lines. This effect was negligible at lower temperature 
where the line clearly passes through the origin at 150 oC. This phenomenon can be 
significant when working in the supercritical region as observed by Croiset et al [10] who 
observed significant decomposition and change of hydrogen peroxide concentration before 
proceeding into mixing point where it mixes with water and proceeds to the decomposition 
reactor. Based on the modelled molar conversion of hydrogen peroxide shown in Figure 
(6.2a), the Arrhenius plot is presented as shown in Figure (6.2b), which shows sufficiently 
close values of the reaction rate constants at different residence times giving a straight line, 
which confirms that the reaction rate constant follows the Arrhenius form. Using the 
Arrhenius plot in Figure (6.2b), the pre-exponential factor (A) was worked out to be 3.49 s-1 
while the activation energy (Ea) was determined to be 48.08 kJ/mol, as shown in Table (6.1). 
These values are close with Croiset et al [10] and who determined the reaction kinetics of 
hydrogen peroxide decomposition under hydrothermal conditions. Equation (6.2) presents the 
determined kinetic data in the form of Arrhenius formula which may be useful for further 
kinetic analysis. In addition, Table (6.1), shows a brief comparison of our determined data 
with previous studies working under similar experimental conditions.  
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𝑘𝑔 = 10
3.60exp[(−48.57 ± 1.30 𝑘𝐽/𝑚𝑜𝑙)/𝑅𝑇] (6.2) 
 
  
Figure (6.2): (a) Profile for hydrothermal decomposition of H2O2 shown by the change in ln[1-X] against the 
reactor residence time at different temperatures(150 oC, 200 oC, 250 oC) and 220 bar, (b) Arrhenius plot for the 
kinetics of decomposition of H2O2 at 220 bar 
 
Table 6.1:  Kinetic Data for Hydrothermal Decomposition of H2O2 
 
Log A 
 
Activation 
Energy  
kJ/mol 
 
Temperature  
 
Pressure  
MPa 
 
Reference 
 
3.60 
 
48.57±1.30 
  
150-250 
 
220 
 
This work  
 
3.28±0.16 
 
44.1 
 
<347 
 
245 
Croiset and 
Rice [11] 
 
3.60 
 
49 
 
150-350 
 
5-34  
Croiset et al 
[10] 
 
5.8 
 
71 
 
100-250 
 
> 4 MPa 
Takagi and 
Ishigure [12] 
 
6.2.2. Partial Oxidation Analysis  
a) Thermal Profile for the Partial Oxidation Reactor 
Figure (6.3) shows the thermal profile for the n-hexadecane partial oxidation reactor. This 
profile was investigated by measuring the temperature of reactor inlet which corresponds to 
the temperature of the mixed n-hexadecane with totally decomposed hydrogen peroxide 
(Water and Oxygen), and the outlet temperature which corresponds to the rise in adiabatic 
temperature as result of partial oxidation of n-hexadecane. It was found that the increase in 
the external reactor wall temperature causes negligible effects on the reactor inlet 
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temperature, while causing an increasing trend of the reactor outlet temperature. The 
difference in fluid density at the reactor inlet and outlet occurring due to the change in 
temperature was taken into consideration for the residence time calculations in this analysis. 
The external reactor wall temperature was considered to be the temperature at which 
reactions take place.  
 
Figure 6.3: Thermal profile for partial oxidation reactor at 220 bar and O/C = 0.52 
b) Gas Yield 
i. Effects of O/C Ratios 
Different concentrations of H2O2 were selected, which correspond to different O/C ratios, 
in order to investigate the effects of partial oxidation regime on the gasification of 
hexadecane in supercritical water. Operating at low O/C ratios would reduce the potential rise 
in adiabatic temperature as well as the conversion of the hydrocarbon feedstock (n-
hexadecane) and that will be useful in obtaining the necessary kinetic parameters of the 
current experimental analysis. The rise in the adiabatic temperature was carefully monitored 
as the concentration increases in order to eliminate any hazards of reaching temperature 
excursions. The concentration of carbon feedstock (n-hexadecane) was maintained to be 
constant in this study at around 29 wt% by controlling the volumetric ratios of pumping 
flowrates.  
The effect of O/C ratio on the yield of produced gaseous species was investigated, by 
increasing the oxidant concentration, as shown in Figures (6.4). It is found that increasing the 
O/C ratio from 0.35 to 0.70 causes a significant increase in the yield of hydrogen, from 
0.0079 to 0.0335 mole/moleC16, compared with other gaseous species whose yields show a 
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slight increase with rising O/C. Comparing the gas yields at different concentrations of 
hydrogen peroxide, different O/C ratios, with that obtained at equilibrium, as shown in Figure 
(6.4b), shows that the experimental yield of hydrogen produced at 8% H2O2 is approximately 
80% of the equilibrium yield produced under the same condition. The negligible yield of CO, 
which agrees with the thermodynamic prediction, indicates its active consumption by the 
water gas shift reaction under the current experimental conditions. This is also supported by 
the observed higher yield of CO2 which reaches 0.0024 mol/molC16 at a hydrogen peroxide 
concentration of 8%, O/C = 0.70, as shown in Figure (6.4a). A previous report on catalytic 
partial oxidation of n-hexadecane showed a significantly higher yield of CO (~20 mol%) 
[13]. Comparing this with our current study shows the favourable environment for water gas 
shift reaction to proceed under hydrothermal conditions, compared with catalysed waterless 
partial oxidative systems where the low consumption of CO by the water gas shift reaction 
may exist. Furthermore, the low yield of methane and other hydrocarbon gases (C2-C4) 
indicate the lower rate for methanation and cracking of n-hexadecane into gaseous species, 
under the current conditions, compared with the partial oxidation and the water gas shift 
reactions which take place at higher rates. Equilibrium analysis shows that the production of 
methane is largest compared with gases, but this could be the case as methanation reactions 
are favoured as we become closer to equilibrium which may cause a further consumption in 
the yield of hydrogen. It is noteworthy that the gas yields at equilibrium shows only the 
thermodynamic limits for the reaction to produce certain yields of chemical species whereas 
the gasification reactions in this study are controlled by chemical kinetics.   
  
Figure 6.4: Effects of O/C molar ratio on the yield of Gaseous Species at (a) experimental and (b) equilibrium 
conditions  
In separate experiments, it was observed that reducing the pressure to 160 bar, where 
steam exists in a gaseous phase, showed a significant increase in the carbon gasification 
efficiency that increases from nearly 5%, at a peroxide concentration of 4%, to reach 9.2% at 
a peroxide concentration of 8%. The increase in gas yield at lower pressures was observed in 
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Chapter 5, which was justified by the enhancement of the free radical mechanism which 
tends to enhance the gas yield compared the ionic mechanism, which dominates at higher 
pressures and lower temperatures.  
The effect of the O/C ratio was investigated further by examining the gasification 
efficiency at different O/C ratios achieved at varying peroxide concentrations, as shown in 
Figure (6.5). It is found that increasing the peroxide concentration increases the gasification 
efficiency (GE), hydrogen gasification efficiency (HGE), as well as the carbon gasification 
efficiency (CE). As the selectivity of hydrogen is the highest among other gaseous species, 
the hydrogen gasification efficiency (HGE %) shown in Figure (6.5) is larger than both the 
carbon gasification efficiency (CE) and the total gasification efficiency (GE). It increases 
from 2.12%, at O/C = 0.35 (H2O2 4 wt%), to reach 8.9% at an O/C = 0.70 (H2O2 8 wt%). The 
higher HGE obtained, compared with GE and CE, also enhances the produced gas value for 
clean energy applications. 
 
Figure 6.5: Effects of O/C Ratio on the gasification efficiency 
At a peroxide concentration of 8%, nearly 8.6% of hydrogen content of n-hexadecane was 
converted into gas. The HGE reported in a previous study [14] was significantly lower than 
its corresponding CE and GE which was obtained during hydrothermal partial oxidation of 
glucose and that was due to the higher yield of CO2 compared with the yield of H2. In 
addition, Jin et al [14] observed that further increase in the oxygen requirements caused a 
significant reduction in the HGE while increasing both CE and GE, which was not the case in 
our results. Another report also showed a decreasing yield of hydrogen as the oxidant 
concentration increases during hydrothermal gasification of iso-octane [15] which may be 
attributed to their high reactor temperature (764±1 oC) compared with the reactor temperature 
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in our study (425 oC). This may indicate the significant role of partial oxidation in increasing 
the yield of hydrogen at lower reactor temperatures.  
ii. Effects of Temperature  
The effects of temperature were investigated at a constant reactor residence time, 30 s as 
shown in Figure (6.6). The temperature considered in this analysis is the reactor wall external 
temperature, assumed to be equal to the copper block temperature. In addition, the 
temperature at which the equilibrium gas yield is shown in Figure (6.6a) is the initial reaction 
temperature, and not the adiabatic equilibrium temperature, whose gas yield may be useful to 
compare with the gas yield obtained experimentally at the external reactor temperature, 
Figure (6.6b). The temperature range in this analysis was made so that it is above the 
supercritical point of water at which moderate conversion of n-hexadecane may be obtained 
for subsequent kinetic analysis. In Chapter 5 excessive increase in hexadecane conversion at 
higher temperatures (> 600 oC) lead to reactor blockage by coke formation. Furthermore, the 
temperature at which gasification took place in this work is considerably less than the 
temperature of the previous work, due to the injection of an oxidant. The increase in 
temperature from 405 oC to 475 oC caused a significant increase in the yield of hydrogen 
from 0.005 to 0.013 mol/molC16 which corresponds to 29% of the equilibrium yield (0.046 
mol/molC16). This result compares well with previous investigations where the reactor 
temperature and residence time were significantly higher, and the concentration of the carbon 
feedstock was also significantly lower, compared with our current values [15-18].  
   
Figure 6.6: Effects of Temperature on the equilibrium (a) and experimental (b) gas yield at 40 s and 220 bar, 
and O/C of 0.52 (H2O2 6 wt%) 
 
c) Liquid Analysis 
Samples from processed hexadecane were collected at different short residence times, 
between 10-30 s, and different temperatures, between 425-475 oC, at supercritical water 
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oC), due to the use of hydrogen peroxide as an oxidant. Increasing the temperature resulted in 
a decrease in the C-C/C=C ratio which shows the decrease in H2 availability for saturation of 
formed 1-alkenes, as shown in Figure (6.8). In addition, the reduction in the yield of 
oxygenated compounds at higher temperatures suggests their conversion to gaseous species 
as they are intermediate products.  
 
Figure 6.8: Effects of Temperature on the C-C/C=C ratio at 20 s, 220 bar, and O/C of 0.52 (H2O2 6 wt%) 
ii. Effects of Residence Time 
The increase in residence time had shown significant effects on the n-alkane to alkene-1 
ratio. This may be found by comparing the C-C/C=C ratio at different residence times, for 
different temperature, as shown in Figure (6.9). Increasing the residence time by a factor of 
10, Figure (6.9a), showed greater effect on increasing the C-C/C=C ratio even at a lower 
reactor temperature (425 oC) compared with increasing the residence time by a factor of 5 at 
475 oC, as shown in Figure (6.9b). This shows that increasing the consumption of produced 
hydrogen via in situ hydrogenation of produced 1-alkenes. In particular, the increase of C-
C/C=C to more than unity at a residence time of 30 s, for all carbon numbers, shows 
promising routes for enhancing conditions of noncatalytic hydrogenation reactions in 
supercritical water for upgrading of heavy oil at fairly short residence times. This also 
indicates that, in order to maximise the yield of gaseous hydrogen, a lower residence time is 
needed to minimise hydrogen consumption by hydrogenation reactions.  
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Figure 6.9: Effects of residence time on the C-C/C=C ratio at (a) 425 oC and (b) 475 oC at 220 bar, and O/C of 
0.52 (H2O2 6 wt%) 
 
iii. Effects of O/C ratio  
The increase in O/C ratio resulted in an increase in the yield of n-alkanes through the 
hydrogenation of their respective 1-alkenes which caused the C-C/C=C to exceed unity. As 
shown in Figure (6.10), the C-C/C=C ratio is slightly higher than 2 between C15-C13, while it 
remains higher than unity between C8-C12 which indicates the significant increase in the 
yields of n-alkanes over their corresponding 1-alkenes. It is also observed higher selectivity 
to form higher that the formation of C15 (pentadecane) is significantly increased at higher O/C 
ratios resulting in a C-C/C=C ratio of around 2.55, at O/C of 0.70, whereas it almost 
diminishes at lower O/C ratios.  
The increase of C-C/C=C ratio to greater than unity shows the greater selectivity for 
hydrogen to saturate formed species of 1-alkenes compared with that under non-oxidative 
conditions at which the C-C/C=C ratio always remains less that unity. This in particular may 
be compared to non-oxidative systems where the C-C/C=C ratio is almost zero at C15 due to 
the bond strength, while it rises sharply under oxidative conditions, indicating the rise in the 
yield of n-C15 over 1-C15. Arai et al [1], reported that the C-C/C=C increases at higher water 
densities, while here we found that the increase in O/C also causes a comparable rise.  
It is hence concluded that, increasing the O/C ratio increases the C-C/C=C ratio by 
enhancing the yield of hydrogen which undergoes further consumption by the hydrogenation 
of formed 1-alkenes to form their corresponding n-alkanes with a high selectivity towards 
forming larger n-alkanes, C14 and C15.  
0
0.4
0.8
1.2
1.6
2
9 10 11 12 13 14 15
C
-C
/C
=
C
 R
at
io
Carbon Number (a)
30 s 20 s
0
0.4
0.8
1.2
1.6
2
9 10 11 12 13 14 15
C
-C
/C
=
C
 R
at
io
Carbon Number (b)
15 s 20 s
CHAPTER 6: Decomposition of Hydrogen Peroxide and Partial Oxidation of n-Hexadecane in Supercritical Water  
143 
 
 
Figure 6.10: Effects of the O/C molar ratio on the C-C/C=C ratio at 425 oC, 30 s, and 220 bar, corresponding 
to 4 wt%, 6 wt% and 8 wt% H2O2 concentrations 
 
  
d) Result Implications 
The enhancement of gasification efficiency under partial oxidation is clearly 
demonstrated in this work, where the carbon, hydrogen and total gasification were analysed 
at varying O/C ratios.  This was associated with a significant decrease in the yield of coke 
which indicates that coke formation is more dependent on temperature than the conversion of 
feedstock at higher residence times. This is demonstrated by the fact that the operating 
temperature in this work is significantly lower, and the residence time is higher, compared 
with our previous work on non-oxidative reforming, Chapter 5. These findings are also 
consistent with previous studies which looked into the partial oxidation of various carbon 
feedstocks, under hydrothermal conditions, showing higher gasification efficiency with lower 
char/tar formation [14, 19]. In addition, the increase in O/C ratios is found to cause a 
significant increase in the gasification efficiency, without raising the reactor temperature. 
This shows further promising routes to achieve complete gasification of such heavy 
hydrocarbon feedstocks while minimising energy requirements, compared with previous 
studies operating at significantly higher temperatures [15, 18, 20].  
The additional promising observation of enhanced hydrogenation under noncatalytic 
conditions at fairly short residence time, using our developed flow system, adds further 
contributions to the previously reported work of Arai et al  [1], Watanabe et al [2]. These 
studies showed the potential of in situ upgrading via partial oxidation of n-hexadecane, in 
catalytic batch reactor systems. Our findings suggest potential routes towards uncatalysed 
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separation of undesirable contents of crude oil including sulphur and heavy metal contents, 
offering a potential downhole upgrading process, and adding value to produced oil. 
Conditions where the ratio of C-C/C=C was maximised may potentially be investigated 
further for in situ hydrogenation of sulphur and metal containing hydrocarbons in the absence 
of heterogeneous catalysts, which reduces processing costs and establish better conditions for 
reservoir-based reforming of hydrocarbons. Furthermore, the formation of oxygenated 
hydrocarbons namely ketones and aldehydes shows new promising routes for producing 
higher value oxygenates from heavy straight hydrocarbons under hydrothermal conditions.  
 
6.3. Conclusions 
The work presented in this chapter demonstrates the potential of conducting hydrothermal 
reforming of n-hexadecane via partial oxidation in supercritical water. This in was carried by 
separate decomposition of hydrogen peroxide, and partial oxidation of n-hexadecane using 
molecular oxygen rather than the -OH radical using two separate reactors. Total 
decomposition of H2O2 was confirmed using UV-Vis analysis which enabled better 
quantification of oxygen supplied for partial oxidation of n-hexadecane. The hydrogen 
selectivity was the highest among other gaseous species showing the high activity of the 
water gas shift under partial oxidation condition compared previous non-oxidative conditions. 
In addition, enhanced gasification efficiency was achieved with lower carbon formation while 
operating at lower temperatures compared with previous work on non-oxidative reforming 
reported in Chapter 5. The high hydrogen selectivity achieved without the use of any catalyst 
may open new routes for uncatalysed hydro-desulphurisation/demetalisation of hydrocarbons 
which exist under downhole conditions. This is supported by the observed high yield of n-
alkanes, shown by the C-C/C=C ratio, produced by saturation of their corresponding 1-
alkenes. Next work will include reactor modelling and tuning of obtained kinetic data using 
computational fluid dynamics.  
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CHAPTER 7 
CFD Analysis of hydrothermal conversion 
of Hexadecane 
 
CFD analysis is an important technique for reactor modelling and optimisation. Our previous experimental 
results were modelled using CFD analysis to obtain the true kinetic data taking into account the radial effects 
occurring from the laminar flow conditions. This model in particular produces modified Arrhenius plots in 
order to determine true kinetic data, used to validate the model through investigation of its prediction of 
conversion in comparison with experimental data under identical conditions. The developed model shows good 
agreement with experimental data under isothermal conditions, while discrepancies in conversion profile arise 
under non-isothermal conditions which were found to be dependent on temperature assumptions. The reaction 
rate profile was investigated at different residence times for the different reaction regimes. The reactor was 
found to be nearly isothermal with the largest temperature gradient between the inlet and wall temperatures 
occurring at a distance 0-0.05 m in the z direction. The effects of reactor parameters including temperature and 
flow properties may be integrated into this model to predict the effects of various operating parameters as to 
optimise the design and behaviour of our reactor model. Analysis shows that reducing the reactor diameter may 
be important to maximise feedstock conversion, and reaction rates, at lower temperatures.  
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7.1. Introduction 
As discussed in the literature review, in Chapter 2, Computational Fluid Dynamics (CFD) 
modelling is an important tool for reactor design, optimisation, and modelling which may be 
particularly useful for the conversion of hydrocarbons into fuels in various forms. Many CFD 
models for reforming and oxidation of hydrocarbons were developed, and validated, 
reporting parametric effects of various operating parameters [1-10]. For instance, a CFD 
model for catalytic autothermal reforming of n-hexadecane showed the reforming efficiency 
and effects of catalytic substrate on the thermal conductivity on the reactor thermal profile 
[3]. Furthermore, Queiroz et al [10] have successfully modelled the oxidation of isopropanol 
in supercritical water in a hydrothermal flame. They found that the reaction rate peaks at 
around 0.60 kmol/m2.s, when the reactor inlet temperature is 370 oC, as the residence time 
ranges between 0-0.25 s.  
Our previous work, in Chapters 5, examined the experimental analysis and conversion 
profile of n-hexadecane under non-oxidative sub and subcritical water conditions. Kinetic 
data were determined for each case using the first order plug flow reactor equation, which 
makes the assumption that the reaction takes place under plug flow conditions with no mass 
transport limitations [11]. Although such an assumption has been widely used [12-16] as it 
does facilitate the estimation of kinetics from experimental data, accurate estimation of 
kinetic data by accounting for the radial mass transport effects, occurring from laminar flow 
conditions, is key for optimum reactor design and modelling.  
Hence, the aim of the work in this chapter is to develop a CFD model for the conversion 
of n-hexadecane, as a heavy hydrocarbon model, under hydrothermal conditions and validate 
it through our existing experimental conversion data under different operating conditions; 
supercritical water, and subcritical water. This model may be useful in obtaining additional 
information about our reactor including the profiles of reaction rate, heat transfer, and fluid 
flow. It may also enable determining the effects of different parameters including feed inlet 
temperature, concentration, and reactor wall temperature, on the conversion of n-hexadecane 
and reaction rate taking into account mass transport radial effects occurring from laminar 
flow conditions. 
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7.2. Results and Discussion 
7.2.1. Model Basis 
The developed model simulates a tubular reactor operating under a laminar flow regime 
with radial mass transport effects. Table (7.1) below shows the parameters specified for the 
CFD model. In order to investigate the radial effects, the diffusion coefficient was given a 
certain value which produces conversion values that closely match with our experimental 
data. Estimation of diffusion coefficient using existing correlations [11] was not possible due 
to very low Reynolds number in our study (<100) in addition to the existence of 
hydrothermal conditions.  
Table 7.1: Specified model parameters 
 
Parameter 
 
Value 
 
Description 
 
D 
 
1x10-9 [m2/s] 
 
Diffusivity 
T0 1023.15 [K] Inlet Temperature 
CA0 1712.42 [mol/m3] Inlet Concentration 
v0 0.5-1.5x10-7 [m3/s] Total flow rate 
u0 v0/(pi*R2) Axial Velocity for laminar  
E 106.93x103 [J/mol] Activation Energy 
A 1.2x103 [1/s] Frequency Factor 
Rg 8.314 [J/(mol.K)] Gas Constant 
R 0.00273 [m] Radius 
L 0.30/0.26 [m] Length for SCW/POX 
 
𝑢𝑧 = 2 ∗ 𝑢0 ∗ (1 − (
𝑟
𝑅
)
2
) (7.1) 
𝜏 =
𝑉 𝜌𝑟𝑒𝑎𝑐𝑡𝑜𝑟
𝑣𝜌𝑖𝑛𝑙𝑒𝑡 
 (7.2) 
 
𝑋𝐴 =
𝑐𝐴0 − 𝑐𝐴
𝑐𝐴0
 (7.3) 
ln (
1
1 − 𝑋
) = 𝑘𝜏 (7.4) 
𝑟𝐴 = −𝐴 ∗ 𝑒
(
−𝐸
𝑅𝑇) ∗ 𝑐𝐴 (7.5) 
 
The reactor model was run under isothermal and non-isothermal conditions based on 
experimental temperature measurements. The concentration used in this model is equal to 
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7.2.2. Reactor Thermal Profile 
The reactor temperature profile was also investigated under non-isothermal conditions, as 
shown in Figures (7.2 & 7.3) under both non-oxidative and oxidative conditions. It was found 
that most of the temperature gradient occurs at the reactor inlet, 0 - 0.05 m in the z direction, 
and the fluid reaches the reactor wall temperature at a distance exceeding 0.05 m, at the 
lowest experimental flowrate (5x10-8 m3/s). This heat transfer model takes into account only 
the fluid velocity and total volumetric flowrate assuming that the oil-water mixture will 
behave according to the thermodynamic properties of water as a solvent, given that the oil 
actual concentration does not exceed 30 wt%. The average surface temperature of the model 
was estimated at different residence times, as shown in Figures (7.2b & 7.3b) where the effect 
of increasing the total volumetric flowrates causes a continuous decrease in the average 
reactor temperature. The maximum average temperature achieved at the lowest flowrate, 
under supercritical conditions, is found to be around 548 oC, 566 oC, and 575 oC for a reactor 
wall temperature of 565 oC, 585 oC, and 595 oC, respectively. It is found there is a difference 
of around 20 oC between the reactor wall and average temperatures, and this difference 
increases as the total volumetric flowrate increases. The temperature distribution under 
subcritical conditions was identical to the supercritical water condition, because our CFD 
model does not take into consideration the change in the fluid’s thermodynamic properties at 
different pressures. Yet, this analysis is useful in determining the actual reaction temperature 
which may be taken into account for the kinetic analysis, and it provides more accurate 
estimation of reactor temperature compared with our experimental measurements.  
The temperature profile under partial oxidation conditions is shown in Figure (7.3). 
Insignificant change exists for the variation of temperature distribution within the reactor 
surface compared with the temperature distribution under nonoxidative supercritical water 
conditions shown in Figure (7.3a). However, it is found that the total volumetric flowrates 
have significantly less effect under partial oxidation conditions compared with their effect 
under nonoxidative supercritical water conditions. This may be attributed to the lower 
operating temperatures, as well as the use of a slightly shorter reactor tube (0.26 m), which 
may reduce the difference between the average reactor temperature and reactor wall 
temperature under partial oxidation conditions. This difference was found to range between 5 
oC – 10 oC at the lowest flowrate, and between 15 oC – 25 oC at the highest flowrate 
depending on the reactor operating temperature, as shown in Figure (7.3b).   
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model, using the tuned rate constants, closely matches with experimental conversions, as 
shown in Table 7.2. 
Table 7.2: Data for tuning of reaction rate constants under different hydrothermal conditions  
Conditions Temperature  
[oC] 
k tuned 
[s-1] 
k lab 
[s-1] 
XA 
model 
XA 
exp 
 
Supercritical 
Water 
565 0.0085 0.036 0.405 0.403 
585 0.0145 0.070 0.554 0.554 
595 0.0300 0.088 0.746 0.750 
 
Subcritical 
Water 
565 0.0046 0.017 0.258 0.259 
585 0.0069 0.028 0.351 0.350 
605 0.0120 0.076 0.501 0.50 
 
 
Using the data of reaction rate constants presented in the Tables (7.2) above, the 
Arrhenius plots were constructed for the different hydrothermal regimes as shown in Figure 
(7.4). This figure shows the regression analysis for the rate constants obtained assuming plug 
flow conditions, and the tuned rate constants obtained using COMSOL which take into 
account radial mass transport effects.  
Using the Arrhenius plots presented in Figure (7.4), the true kinetic data were determined 
as shown in Table (7.3) which shows determined kinetic data using COMSOL compared with 
the experimental data obtained using the first order kinetic equation (7.4) under different 
hydrothermal conditions. 
Table 7.3: Determined kinetic data for the conversion of n-hexadecane under different hydrothermal conditions  
 
 
Conditions 
 
Ea  
 kJ/mol 
(exp) 
 
A 
 s-1 
 (exp) 
 
Ea  
kJ/mol 
(model) 
 
A  
s-1 
 (model) 
 
Non-Oxidative 
Supercritical 
Water 
 
 
263.68 
 
 
7.36x1014 
 
 
. 8. 292 
 
 
. 2. 2x1016 
 
 
Non-Oxidative 
Subcritical Water 
 
 
202.20 
 
 
2.29x1012 
 
 
146.49 
 
 
6.03x106 
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Figure 7.4: Arrhenius plots for experimental and tuned reaction rate constants under (a) supercritical water, 
(b) subcritical water 
 
7.2.4. Conversion Analysis  
 
Having obtained the true reaction activation energy and pre-exponential factor, shown in 
Table (7.3), the model was tested to predict the hexadecane conversion at different residence 
times, and temperatures under both isothermal and non-isothermal conditions. The variation 
of hexadecane conversion along the reactor surface is shown in 3D plots at a supercritical 
water, and subcritical water conditions, as shown in Figures (7.5a & 7.8a), respectively. It is 
found that the lowest conversion occurs in the middle of the reactor, and the highest 
conversion occurs on the reactor wall. In addition, the conversion increases as the fluid 
moves vertically in the z direction from the reactor inlet to the reactor outlet. This observation 
is common to the sub and supercritical water conditions, as shown in Figures (7.5a & 7.8a). 
The conversion profile is associated with CFD plots of the concentration profile for the 
different hydrothermal conditions, shown in Figures (7.5b & 7.8b) which shows the 
concentration change for the particular conversion under the same conditions. A significant 
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drop in the concentration is found to occur at the supercritical water conditions due to the 
higher conversion achieved compared with the conversion achieved at the subcritical water 
conditions.  
For the different hydrothermal conditions, the model prediction of the temporal 
conversion of n-hexadecane was examined under isothermal conditions, as shown in Figures 
(7.6a & 7.9a), and non-isothermal conditions, as shown in Figures (7.7a & 7.10a). The model 
conversion points are equal to average conversion across the whole reactor surface calculated 
by COMSOL. It is found the predicted modelling results show a good agreement with the 
experimental data especially at higher temperatures. Under isothermal conditions, the 
agreement between the experimental and modelling results was enhanced more significantly 
compared with non-isothermal conditions for the different hydrothermal conditions. The least 
agreement was found to occur for the non-isothermal supercritical water conditions, which is 
shown in Figure (7.7a). Deviation from experimental data may be largely attributed to the 
accuracy of experimental temperature measurements which significantly affects the feedstock 
conversion compared with other fixed parameters such as the diffusion coefficient. This may 
be supported by the fact that the determined new values of activation energy and frequency 
factors are independent of the temperature measurement. Using these values, the conversion 
of n-hexadecane was predicted with a sufficiently good agreement with the experimental data 
as shown in Table (7.2). In addition, the experimental temperature readings, which were fed 
into in this CFD model, took into consideration the maximum fluid temperature measured 
closer to the outlet of the non-isothermal flow reactor, which is less than the actual reactor 
wall temperature. Another source of inaccuracy may be the assumption of water physical 
properties, as a solvent, while the reality is that it contains around 30 wt% of hexadecane 
which exists in single homogenous phase under supercritical water conditions. This analysis 
demonstrates the efficiency of the kinetic data provided which may be used for design, 
analysis and characterisation of hydrothermal gasification reactors with n-hexadecane 
feedstock.  
The temporal variation in concentration, at different temperatures is also presented as 
shown in Figures (7.6b & 7.9b), for the isothermal conditions, and in Figures (7.7b & 7.10b) 
for the non-isothermal conditions. The concentration decreases at higher temperatures and 
lower flowrates as conversion increases. The lowest drop in concentration is found to occur 
under non-oxidative supercritical water conditions, Figure (7.6b), where the feedstock 
concentration decreases to 524 mol/m3 as conversion reaches 55.37%.  
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Figure 7.10: (a) Temporal conversion of n-hexadecane using experimental and modelling results assuming 
non-isothermal subcritical water conditions (b) corresponding temporal change in n-hexadecane 
concentration using the developed model under non-isothermal subcritical water conditions 
 
7.2.5. Reaction Rate  
Following the estimation of kinetic data and analysis of hexadecane conversion, the 
reaction rate was modelled for the different hydrothermal conditions as shown in Figures 
(7.11 & 7.12). The rate of hexadecane disappearance is equal to the rate of formation of 
produced gaseous species as well as cracked liquid products contained in the produced oil 
phase (C5-C15). The CFD model plots for the change in reaction rates along the reactor 
surface are shown in Figures (7.11a & 7.12a) for sub and supercritical water conditions, for 
the highest conversion achieved at the lowest flowrate (5.00x10-8 m3/s), the highest residence 
time, and the highest operating temperatures. It is found that the reaction rate reaches its peak 
in the middle of the reactor tube while its lowest value occurs right at the reactor inlet and 
boundaries for the different hydrothermal conditions considered. The reaction rate also shows 
a gradual decrease as the fluid reaches the reactor outlet, due to the increase in the conversion 
of hexadecane and the decrease in its concentration which causes the rate to decrease. This is 
consistent with conversion results shown in Figure (7.5a, & 7.8a) where most of the n-
hexadecane conversion occurs on the reactor boundaries closer to the outlet due to the 
increase in temperature under laminar flow conditions. A similar observation on the reaction 
rate was reported on different types of carbon-based feedstocks showing the significant 
reduction of the rate of disappearance as complete conversion is achieved [9]. Another 
observation is the increase in the reaction rate as the reactor pressure is increased from the 
subcritical to the supercritical water region, as may be seen in CFD model plots in Figures 
(7.11a & 7.12a) where the peak reaction rate is around (30 mol/m3.s) for the supercritical 
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water state, and around (15 mol/m3.s) for the subcritical water state. This significant 
difference shows the merits of the application of supercritical water conditions which enables 
a higher reaction rate due to the creation of a homogeneous single-phase reaction, in addition 
to the ionic and acid-base properties, which exist as the reactor pressure is increased from 150 
bar to 220 bar at a temperature exceeding 370 oC.  
The effects of changing the residence time, by increasing the volumetric flowrate, at 
different temperatures was also investigated as shown in Figures (7.11b & 7.12b). It is found 
that during the supercritical water state, a sharp increase occurs as the residence time 
increases causing the reaction rate to reach a maximum of around (14.20 mol/m3.s at 595 oC) 
beyond which it starts to decline as the residence time increases in the absence of partial 
oxidation, as shown in Figure (7.12b). This is also shown for the subcritical water state where 
the rate increases to reach (9.56 mol/m3.s at 605 oC) after which it shows a slight decrease as 
the residence time increases between (3.80 s – 11.09 s). The variation of the reaction rate is a 
parameter of the change of concentration, and rate constant. The increase in reaction rate with 
increasing temperature occurs as a result of the increase in the rate constant (k) whose values 
at different temperatures are shown in Tables (7.2). On the other hand, the increase in 
conversion causes a significant drop in the concentration of feedstock and that causes the 
reaction rate to decrease at higher residence times. Queiroz et al [2] showed that the increase 
in feedstock concentration causes a significant increase in the reaction rate, while 
investigating the oxidation of isopropanol in supercritical water. In our analysis, the 
concentration was constant for all of the reaction conditions. However, it is found that the 
temperature does cause a noticeable increase in the reaction rate causing a faster 
disappearance in the cracking and oxidation of n-hexadecane at different conditions. Tsuzuki 
et al [18] showed that the peak reaction rate for hydrothermal pyrolysis of crude oil reaches 
its maximum between 200-250 oC, and then it drops as the n-hexadecane conversion 
increases at extended period of reaction times. Furthermore, Guo et al [19] showed that the 
reaction rate for hydrogen formation via steam reforming, and consumption of glycerol in 
supercritical water, peaks at a residence time of 1.00 s, and H2 was largely formed via steam 
reforming rather than pyrolysis and water gas shift reaction.  
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boundaries closer to the outlet where the reaction rate drops to its lowest value. It is found 
that reducing the reactor diameter may be an important approach for maximising feedstock 
conversion, and reaction rate, at lower temperatures. This analysis may be useful in 
optimising reactor design and modelling for hydrothermal conversion of n-hexadecane under 
different operational scenarios.  
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CHAPTER 8 
A New HYSYS Model for Underground 
Gasification of Hydrocarbons under 
Hydrothermal Conditions 
 
 
A new subsurface process model was developed using the ASPEN HYSYS simulation environment to analyse the 
process energy and gasification efficiency at steady- state equilibrium conditions. Injection and production 
wells were simulated using the HYSYS pipe flow utility which makes use of the Beggs and Brill flow correlation 
applicable for vertical pipes. The downhole reservoir hydrothermal reactions were assumed to be in 
equilibrium, and hence, the Gibbs reactor was used. It was found that high W/C ratios and low O/C ratios are 
required to maximise gasification efficiency at a constant hydrocarbon feed flowrate, while the opposite is true 
for the energy efficiency. This occurs due to the dependence of process energy efficiency on the gas pressure 
and temperature at surface, while the gasification efficiency depends on the gas composition which is 
determined by the reservoir reaction conditions which affects production distribution. Another effect of 
paramount importance is the increase in reservoir production rate which was found to directly enhance both 
energy and gasification efficiency showing conditions where the both efficiencies are theoretically maximised. 
Results open new routes for techno-economic assessment of commercial implementation of underground 
gasification of hydrocarbons. 
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8.1. Introduction  
As discussed in the literature review, Chapter 2, underground gasification of fossil fuels is 
a promising technology for economic and environmentally benign production of hydrogen 
and syngas for power generation or chemical applications [1]. Many studies have been 
reported on the modelling of underground gasification of fossil fuels, particularly coal, 
showing that it is technically and economically feasible, and it is capable of producing syngas 
with high heating values [1-8]. Other studies have demonstrated the thermodynamic thermal 
efficiency of steam reforming and partial oxidation of hydrocarbons and biomass models [2, 
9-11] showing the upper theoretical limit for the thermal efficiency which may be useful in 
process optimisation. It was mentioned in Chapter 2 that, Lutz et al [10, 11] reported on the 
decrease of thermal efficiency with increasing O/C ratios due to the increased combustion of 
carbon feedstock compared with steam reforming. In addition, Prins et al [2] investigated the 
effects of fuel composition comparing between coal and biomass gasification efficiency in 
terms of exergy losses while Withag et al [9] presented an ASPEN model for supercritical 
water gasification of biomass emphasising the importance of heat exchangers effectiveness 
for maximising thermal efficiency at a given biomass concentration. The importance of 
thermodynamic simulations as well as kinetic models to optimise downhole gasifiers was 
highlighted in a recent review [12]. Also, the importance of heavy oil as a key source for the 
production of hydrogen was highlighted with a reforming of efficiency of 34 UScent/kgH2, 
which may be favourably compared to the oil market energy cost of 4 UScent/kJ [13].  
In our previous work, discussed in Chapter 4 [14], we reported the analysis of equilibrium 
gas yield of hydrothermal gasification of n-hexadecane under oxidative and non-oxidative 
conditions showing optimal conditions for maximising the theoretical yield of hydrogen and 
syngas. In this Chapter, we extend our previous theoretical equilibrium analysis into an 
integrated subsurface well system analysing the energy and gasification efficiency during the 
injection of steam and air, and production of syngas at surface under hydrothermal 
conditions. Although this model is based on equilibrium steady-state conditions, it provides 
useful insight into how underground gasification may behave under kinetically controlled 
regimes, in order to establish conditions where energy and gasification efficiencies are 
maximised.  
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8.2. Results and Discussion 
8.2.1. Model Development 
The developed model, shown in Figure ( .8 1), assumes the injection of steam and air into a 
4 km-deep mono-bore well containing a heavy hydrocarbon model (n-hexadecane) at a 
specified production rate. The well pipe size (0.25-0.55 m ID) was selected to allow 
minimum pressure drops for different flowrates for which the pipe converges at a certain 
flowrate. The pipe minimum thickness was assumed to be 50 mm in order to maintain the 
pipe stability under the current operating conditions. The pipe makes use of  Beggs and Brill 
[15] and HTFS flow correlations to predict pressure drop, and heat losses across the pipe 
enabling direct estimation of temperature and pressure gradients of injection and production 
fluids. The well pipe is assumed to be insulated, in concrete, placed within a sandstone 
external medium. The 4 km well pipe is split into four segments. Each pipe segment is 1000 
m in length with a geothermal temperature gradient of 33 oC [16].  
 
Figure 8.1: HYSYS Model for an Underground Gasification of Hydrocarbons  
The downhole pressure of injection fluids (steam, and air) was maintained to be slightly 
above the reservoir pressure (222-230 bar) in order to establish a pressure gradient between 
injection and production wells. The increase in input pressure, pipe diameter, and well depth 
directly increase the mass flow of downhole fluids [12] .  
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The produced gases are in equilibrium at the reservoir temperature and pressure. 
However, as the drop in pressure and temperature occurs during the gas flow upward the 
production well, a change in composition takes place. For this reason, the Gibbs reactor 
utility was used to predict the change in gas composition as it travels from one pipe segment 
to the next along a 4 km well depth. Major changes were observed to occur in the increase of 
the hydrogen yield due to the consumption of CO by steam through the water gas shift 
reaction. This indicates the potential of utilising the production well as a packed bed 
hydrothermal reactor to maximise the yield of hydrogen through the water gas shift reaction. 
The temperature and pressure of the gas at surface are determined as to estimate the potential 
energy recovery through the surface expanders, and heat exchangers which enables delivering 
the gas at a pressure of 4 bar, and a temperature of around 30 oC while making useful use of 
its heat and momentum. Based upon the above model description, the effects of varying the 
oxygen to carbon ratio, water to carbon ratio, oxygen to water ratio, air enrichment, and well 
production rate, were investigated on the system thermodynamic energy efficiency, 
gasification efficiency, and gaseous product distribution. 
8.2.2. Effects of Oxygen to Carbon Ratio: 
The effects of increasing the oxygen to carbon ratio (O/C) were investigated at different 
water to carbon ratios (W/C), 25, 50, and 75, as shown in Figures (8.2-8.3). It is found that 
the system energy efficiency linearly increases as the O/C ratio increases, as shown in Figure 
(8.3a). The increase in energy efficiency becomes even higher as the water to carbon ratio 
decreases. The efficiency increased at O/C = 5 to reach 98%, 103%, and 116% at W/C of 75, 
50, and 25, respectively. The rise in efficiency as the O/C increases at less W/C ratios was 
associated with a simultaneous increase in the reservoir adiabatic temperature, as shown in 
Figure (8.2a). The rise in the reservoir adiabatic temperature was found to have more 
sensitivity to the increase in O/C ratio compared with the variation of the W/C ratio. This 
indicates that, reducing the W/C ratio reduces the energy load of steam compressors and that 
enhances the energy efficiency more significantly compared with the reservoir adiabatic 
temperature. It is also found that the effects of varying the W/C ratio becomes negligible on 
the reservoir adiabatic temperature and also the energy efficiency at low O/C ratios (<1.5). 
The effect of the variation of W/C ratios becomes more significant as the O/C ratio rises 
above 1.5. The increase in adiabatic temperatures at O/C = 5, reaches 923.17 oC and 975.27 
oC at W/C of 75 and 25, respectively, at the current system operating conditions. This 
corresponds to an increase in the energy efficiency from 98% to 116%. It is hence found that 
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the effect of the increase in O/C ratio enhances the system energy efficiency, but this will 
depend on the operating W/C ratio whose decrease increases the energy efficiency with less 
effect on the rise of adiabatic temperature, under the current operating conditions.   
 
 
Figure 8.2: Effects of increasing O/C ratio on (a) energy efficiency and adiabatic temperature, and (b) 
hydrocarbon gasification efficiency, at W/C = 25, 50 and 75 
The effect of O/C ratio on the gasification efficiency was also investigated at different 
W/C ratios, as shown in Figure (8.2b). The gasification efficiency takes into consideration 
only the ratio of energy content of produced gaseous species, excluding CO2, to the energy 
content of the hydrocarbon feedstock (n-hexadecane). It is found that lower O/C ratios and 
higher W/C ratios are needed to maximise the gasification efficiency. For instance, the 
gasification efficiency decreases from around 100% to 92.5% when the O/C ratio increases 
from 1.5 to 5, at W/C = 75. This essentially occurs due the decrease in the yields of CH4 and 
C2H6 whose lower heating values are significantly higher than other gaseous species 
(0.80x103 kJ/kmol, and 1.40x103 kJ/kmol, respectively). Considering the profile of the 
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system energy efficiency shown in Figure (8.2a) suggests that a trade-off relation exists 
between both efficiencies which has to be considered in order to decide on the optimum and 
most energy-efficient operational scenario. On the other hand, it also shows that it is possible 
to achieve a theoretical gasification efficiency of 100% under the current operational 
conditions.  
The effect of the O/C ratio on the distribution of gaseous species produced under the 
above modelling conditions is shown in Figure (8.3). This yield is found to be directly related 
to the reservoir adiabatic temperature, shown in Figure (8.2a), which ultimately affects the 
overall system energy efficiency. It is found that the yield of hydrogen, which is the largest, 
increases significantly from 6.26 to 15.80 mol/molC16, as the O/C ratio increases from 1.5 to 
5 at W/C = 25, as shown in Figure (8.3a). This increase is associated with an increase in the 
CO yield, which is significantly less than the yield of H2, from 4.96 to 6.83 mol/molC16, 
whereas the yield of CO2 remains almost constant at around 5 mol/molC16, unaffected by the 
increase of the O/C ratio. The yield of CH4 decreases continuously which indicates the 
reduction of methanation reactions at higher O/C ratios. The formation of ammonia, NH3, is 
also observed under the current conditions due to the combination of produced hydrogen with 
nitrogen during air injection. Although the yield of ammonia is not as high as the yield of H2, 
and CH4, it increases from 0.027 to 0.063 mol/molC16 as the O/C ratio increases from 1.5 to 
5, at W/C = 25, as shown in Figure (8.3a). The lowest yield observed is the yield of C2H6 
which decreases slightly from 3.47x10-3 to 1.00x10-3 mol/molC16 at the current range of O/C 
ratios at W/C = 25, as shown in Figure (8.3a). The yield of gaseous species follows the order 
of H2 > CH4 > CO2 > CO > NH3 > C2H6 as the O/C ratio increases between 2 to 5 at W/C = 25 
except for O/C = 5 where the yield of CH4 is slightly lower than the yield of CO2, as shown 
in Figure (8.3a). When the O/C ratio is lower than 2, the yield of gaseous species follows the 
order of CH4 > H2 > CO2 > CO > NH3 > C2H6. 
The increase in the W/C ratio by a factor of 25 causes an increases in the yield of 
hydrogen by a factor of around 5 as shown in Figures (8.3b,c) where the O/C effects are 
shown at W/C of 50 and 75, respectively. The increase in the yield of H2, at higher W/C ratios 
resulted in changing order of its yield to be higher than the yield of methane at lower O/C 
ratios ≤2, as shown in Figures (8.3b,c). Furthermore, the increase in W/C ratios to 50 and 75 
causes a slight  increase in the yield of CO, NH3, CO2, and C2H6, while it causes the yield of 
CH4 to drop more significantly at lower O/C ratios compared with its decrease at W/C = 25.  
Chapter 8:  A New HYSYS Model for Underground Gasification of Hydrocarbons under Hydrothermal Conditions 
169 
 
 
 
 
Figure 8.3: Effects of increasing O/C ratio on gas product distribution and adiabatic temperature at (a) W/C 
=25 (b) W/C =50and (c) W/C =75 
0.00E+00
1.00E-02
2.00E-02
3.00E-02
4.00E-02
5.00E-02
6.00E-02
7.00E-02
0
5
10
15
20
0.00 1.00 2.00 3.00 4.00 5.00 6.00
C
O
,C
O
2,
H
2,
C
H
4
[m
ol
/m
ol
C
16
]
O/C Ratio (@W/C=25)
N
H
3/
C
2H
6 
 
[m
ol
/m
ol
C
16
]
CO CO2 H2 CH4 NH3 C2H6a
0.00E+00
1.00E-02
2.00E-02
3.00E-02
4.00E-02
5.00E-02
6.00E-02
0
5
10
15
20
25
0.00 1.00 2.00 3.00 4.00 5.00 6.00
C
O
,C
O
2,
H
2,
C
H
4
[m
ol
/m
ol
C
16
]
O/C Ratio (@W/C=50)
N
H
3/
C
2H
6 
 
[m
ol
/m
ol
C
16
]
CO CO2 H2 CH4 NH3 C2H6b
0.00E+00
1.00E-02
2.00E-02
3.00E-02
4.00E-02
5.00E-02
0
5
10
15
20
25
30
0.00 1.00 2.00 3.00 4.00 5.00 6.00
C
O
,C
O
2,
H
2,
C
H
4
[m
ol
/m
ol
C
16
]
O/C Ratio (@W/C=75)
N
H
3/
C
2H
6
[m
ol
/m
ol
C
16
]
CO CO2 H2 CH4 NH3 C2H6c
Chapter 8:  A New HYSYS Model for Underground Gasification of Hydrocarbons under Hydrothermal Conditions 
170 
 
8.2.3. Effects of Water to Carbon Ratio 
The effect of the variation in Water to Carbon ratio (W/C) shows a different trend from 
the effect of the O/C ratio. Increasing the W/C ratio shows a decrease in the energy efficiency 
of the system for all selected O/C ratios, as shown in Figure (8.4a). For instance, at O/C = 0.9 
the efficiency decreases from 114%, at W/C = 10, to 86% at W/C = 70, and this corresponds 
to a slight increase in the adiabatic temperature from 713 oC to 750 oC. The observed increase 
in adiabatic temperature, at O/C = 0.9, is not observed at other O/C ratios, O/C = 2, and O/C 
= 3, where the adiabatic temperature shows a decreasing trend from 906 oC to 842.50 oC, at 
O/C = 3, and from 831 oC to 800 oC at O/C = 2. This difference occurs due to the low O/C 
ratio as well as the steam downhole temperatures which causes heating effects as a result of 
increasing the W/C ratios, by raising the injection flowrates. This effect, however, diminishes 
as the O/C ratio increases where exothermic effects of partial oxidation become more 
significant, and only then increasing the W/C ratio causes an observable decrease in the 
adiabatic temperature, as shown for O/C = 2 and 3 in Figure (8.4a). The heating effects of 
steam at lower O/C ratios (0.90) does not cause any increase in the system energy efficiency 
which continues to decrease at higher W/C ratios.  
The effect of the W/C ratio on the gasification efficiency is shown in Figure (8.4b) for 
different O/C ratios (0.9, 2, and 3). As opposed to the effect of O/C ratio, the increase in W/C 
ratio causes the gasification efficiency to increase, and it reaches around 100% at W/C = 70 
and O/C = 0.9. In addition, reducing the O/C ratio shows a noticeable effect on increasing the 
gasification efficiency to different levels, as can be seen in Figure (8.4b). This indicates the 
increase in heating value of gaseous species at lower O/C ratios and higher W/C ratios.  
The effect of increasing the W/C ratio on the yield of gaseous species is shown in Figure 
(8.5). The increase in W/C ratio by a factor of 20 causes an increase in the yield of hydrogen 
by a factor of around 4 under all O/C ratios considered (1-3), as shown in Figure (8.5). The 
yield of CH4 continues to decrease by a factor of nearly 1 as the W/C increases. The yield of 
CO2 shows more significant increase as the W/C increases due to the enhancement of the 
water gas shift which also causes a significant reduction in the yield of CO. The yield of 
ammonia shows a maximum yield at W/C = 30 after which it starts to decline from 0.034 to 
0.025 mol/molC16 as the W/C ratio increases from 30 to 70. The yield of ethane (C2H6) 
continues to decrease as the W/C increases. However, it shows a slightly higher yield 
compared with its yield in the O/C analysis discussed above.  
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Figure 8.4: Effects of increasing W/C ratio on (a) energy efficiency and adiabatic temperature, and (b) 
gasification efficiency, at O/C = 0.90, 2 and 3 
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Figure 8.5: Effects of increasing W/C ratio on gas product distribution at (a) O/C = 0.9, (b) O/C = 2, and (c) 
O/C = 3 
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8.2.4. Effects of Oxygen to Water Ratio 
Figure (8.6) below shows the effects of increasing the oxygen to water ratio on the system 
energy efficiency and adiabatic temperature rise. It is found that the system energy efficiency 
increases as the O/W ratio increases at a constant hydrocarbon flowrate (10,000 bbl/day), and 
it reaches 126% at O/W = 0.30. Insignificant change of the reservoir adiabatic temperature is 
observed as the O/W ratio increases between 0.03 – 0.20, while a slight increase in the 
temperature to around 906 oC, is observed at O/W = 0.30. This happens as a result of the 
constant hydrocarbon flowrate, 10,000 bbl/day, which requires increasing the O/C ratio to a 
certain value in order to cause a significant increase in the adiabatic temperature, at a given 
O/W ratio. In comparison with the above analysis, this analysis may be useful in maximising 
the system energy efficiency by balancing the optimum O/W ratio at a constant hydrocarbon 
production flowrate.   
 
Figure 8.6: Effects of increasing O/W ratio on energy efficiency and adiabatic temperature at production rate = 
10,000 bbl/day 
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efficiency especially at higher O2 molar content (>50%). Similar to the O/C effects on the 
gasification efficiency shown in Figure (8.2b), the increase in air enrichment causes the 
gasification efficiency to decrease by around 5% as the enrichment of air increases from 35% 
to 100 % due to the increase of O/C ratio which reduces the heating value of produced 
gaseous species.  
 
 
Figure 8.7: Effects of increasing O2 concentration on (a) energy efficiency and adiabatic temperature, and (b) 
gasification efficiency, at W/C = 25, 50, and 75 
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yield of ammonia. The decrease in W/C ratios by a factor of 25, as shown in Figures (8.8b,c) 
causes the yield of hydrocarbon gases (CH4. C2H6) to increase while the yield of H2 decreases 
with a slight increase in the yield of CO. This suggests the enhancement of methanation 
reactions and reduction of the water gas shift reaction at lower W/C ratios and higher oxygen 
concentrations. This may be used to account for the increase in gasification efficiency at 
higher W/C ratios and lower oxygen concentrations, shown in Figure (8.7b).  
 
 
 
Figure 8.8: Effects of increasing O2 concentration on gas product distribution at (a) W/C = 25, (b) W/C = 50, 
and (c) W/C = 75 
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8.2.6. Effects of Well Production Rate 
The well production capacity is another parameter of a particular importance when 
considering underground gasification of hydrocarbons. Based on the above analysis of O/C 
and W/C ratios, the effect of increasing the well production capacity on the gasification and 
energy efficiency, at constant O/C and W/C ratios, was investigated as shown in Figure (8.9). 
It is found that as the production capacity increases from 500 bbl/day, the system energy 
efficiency increases dramatically until it levels off as the production capacity reaches 10,000 
bbl/day, after which it maintains almost a constant value that escalates as the O/C ratio 
increases. For instance, at O/C = 1, the system energy efficiency rises from 50%, at 500 
bbl/day, to reach 89% at 10,000 bbl/day, and it then shows a slight increase to reach 92% as 
the production rate reaches 100,000 bbl/day. A similar fashion is also observed for O/C of 2 
and 3, where the energy efficiency reaches a maximum of 100 and 110%, respectively. This 
analysis is useful in showing the maximum energy efficiency that may be achieved using our 
developed model under the current operating conditions. It also shows that it may be 
uneconomical to consider underground gasification if the well production rate falls below 
10,000 bbl/day, while the opposite is true for higher production rates.  
A further analysis was carried for the hydrocarbon gasification efficiency as shown in 
Figure (8.9b). The gasification efficiency shows a continuous increase, in a similar fashion to 
the system energy efficiency, as the well production capacity increases. However, the 
gasification efficiency decreases in its rising trend as the O/C ratio increases, which is 
different from the energy efficiency that increases at higher O/C ratios, due to the increases in 
reservoir adiabatic temperature. This decrease may be attributed to the decrease in the yield 
of hydrocarbon gases which contain higher heating values, compared to other produced 
gaseous species (H2, CO, NH3) as already observed in the analysis of O/C ratio above. On the 
other hand, it also indicates the enhancement of efficiency as the well production rate 
increases which may reach 97%, at O/C = 1, and a production rate ranging from 10,000 to 
100,000 bbl/day. The maximum production rate in this analysis, 100,000 bbl/day, was the 
maximum rate for convergence at the given pipe size. Hence, it is found that it would be 
essential to consider the well production when designing an underground gasification process 
while it is also essential to balance the operating conditions to maximise desirable 
gasification and energy efficiency of the system. 
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Figure 8.9: Effects of increasing well production rate on (a) energy efficiency and (b) gasification efficiency, at 
O/C = 1, 2, and 3 and W/C = 20   
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(8.6). Our model shows the effects of key parameters on optimisation underground 
gasification of hydrocarbons. Withag et al [9] showed, using ASPEN, that energy-efficient 
gasification of biomass in supercritical water is possible while the increase in water recycling 
could be advantageous for in situ CO2 capture, absorbed in water, with reduced thermal 
efficiency. However, their work took into consideration only the energy content of produced 
gas compared to the energy content of gasified biomass, which in our work was highlighted 
as the gasification efficiency differentiated from the system’s energy efficiency. Lutz [10, 11] 
and Withag [9] predicted the thermal efficiency to reach a maximum of 60%. However, the 
analysis in this work reveals that it is possible to achieve a gasification efficiency above 90% 
at varying O/C and W/C ratios, in addition, to the positive effects of well production rate 
which offers new insight compared with previous energy efficiency analysis in underground 
coal gasification [8]. The results reported in this work also provide additional insight to our 
previous work [14] on equilibrium yield of hydrothermal gasification of n-hexadecane by the 
integration of a more applied model for underground gasification of hydrocarbons using air 
instead of pure oxygen as a gasifying agent. Our modelling results were already validated 
through comparison between the predictions of the HYSYS Gibbs model with reported 
experimental data, as discussed in our previous work [14].  
 
8.3. Conclusions 
A new HYSYS model for underground gasification of hydrocarbons was developed 
making use of n-hexadecane as a heavy hydrocarbon model. This model shows the effects of 
key operating parameters including air enrichment, O/W ratio, W/C ratio, O/C ratio, and the 
well production rate on the gasification and energy efficiency showing conditions where the 
both efficiencies are maximised with favourable heating values of produced gaseous species. 
Although the increase in O/C causes a decrease in the gasification efficiency which agrees 
with previous literature, the system’s energy efficiency increases due to the increase in gas 
temperature at higher O/C ratios. This effect has to be balanced when optimising 
underground gasification processes. The increase in well production rate, in particular, was 
found to increase the system’s energy efficiency between 500-1000 bbl/day, and further 
increase will result in levelling off the efficiency at a constant value that increases as the O/C 
increases. Results suggest that the energy needed for steam and air injection could be 
compensated by the energy produced from high-pressure high-temperature syngas. This 
shows the potential of achieving an energy-efficient process where clean energy in the form 
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of heat is produced along with syngas with high heating values. As the current results are 
undertaken at equilibrium conditions, integration of kinetic of models could be made in future 
work in order to predict the actual yield of gaseous species and the rise in exothermic 
temperature for specific reservoir conditions. This would be beneficial for more practical 
analysis of energy efficiency of underground gasification of hydrocarbons.   
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CHAPTER 9 
Conclusions and Future Work  
 
Having discussed the background, methodology and results of this thesis, this chapter presents main scientific 
finding bringing together different results presented in Chapters 4-8 into a common conclusion. Overall, this 
thesis reports new studies on hydrothermal gasification of hydrocarbons through thermodynamic analysis, 
experimental analysis of reforming of n-hexadecane in newly developed tubular flow reactor with and without 
partial oxidation. While the experimental reactor system was analysed using CFD models, which showed 
regions for maximising conversion, and reactions rate, the overall process energy efficiency was analysed using 
HYSYS showing potential conditions for cogeneration of clean energy and hydrogen from hydrocarbon 
reservoirs. Future work recommendations include investigation of the effects of potential crude oil contents 
including sulphur and metals contents, extending existing subsurface models to include CCS, and analysing 
both technoeconomic and lifecycle analysis of underground gasification of hydrocarbons.   
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9.1. Conclusions 
In concluding this thesis, this chapter presents the main important results and findings 
reported in the previous chapters in order to draw a solid and reasonable conclusion for future 
research work. First, it was shown that conversion of n-hexadecane, under hydrothermal 
conditions, into hydrogen/syngas is thermodynamically viable, and the optimum conditions to 
maximise gas yields were determined. This was achieved using the Peng-Robinson equation 
of state and the direct minimisation of the Gibbs free energy employed by the HYSYS Gibbs 
reactor utility. Increasing both the reactor temperature and reducing pressure led to increased 
yields of hydrogen showing enhanced forward water gas shift reaction, while methanation 
reactions were found to be thermodynamically enhanced at higher pressures. The increase in 
O/C ratio at varying W/C ratios showed optimum ratios where hydrogen yield could be 
maximised at favourable syngas ratio while maintaining the adiabatic temperature at 
desirable limits. The optimum feedstock concentration was also determined to be around 30% 
where the molar production of hydrogen reached its maximum. This theoretical analysis was 
followed by the experimental analysis of hydrothermal reforming of n-hexadecane which was 
carried out, using a newly developed tubular flow reactor system, during which the gas and 
liquid yield were analysed and quantified at sub and supercritical water processing 
conditions. Using the conversion experimental data, the reaction rate constant was estimated 
using the first order plug flow equation which showed that the hydrothermal conversion is 
well described by the first order model. Arrhenius plots were produced to estimate the 
reaction activation energy and frequency factors for supercritical and subcritical water 
conditions, respectively. The experimental gas yield was correlated to equilibrium analysis to 
establish how far it is from reaching equilibrium under fairly short residence times. 
Furthermore, analysing the n-hexadecane residue showed the occurrence of the free radical 
pyrolysis mechanism leading to the yields of smaller 1-alkenes and n-alkanes, with no 
heavier species than C16. The presence of water under hydrothermal conditions led to 
significantly reducing carbon formation which exists with great extent under anhydrous 
pyrolysis leading to reactor blockage.   
Partial oxidation of n-hexadecane in supercritical water was then experimentally 
investigated using H2O2 as a source of oxygen. Kinetic analysis was carried out in order to 
establish complete decomposition of hydrogen peroxide under hydrothermal conditions 
leading to partial oxidation of n-hexadecane through produced molecular oxygen dissolve in 
supercritical water. Mass balance analysis of this work revealed the high selectivity towards 
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hydrogen yield produced compared with other gaseous species showing no required external 
catalyst, due to the high activity of the water gas shift under the current conditions. The 
gasification efficiency was significantly enhanced at lower temperature with minimised coke 
formation, compared with non-oxidative reforming. In addition, analysis of liquid species 
revealed the higher yield of n-alkanes compared with their yields under non- 
oxidative hydrothermal reforming, which suggests the higher activity of the hydrogen 
abstraction step during the free radical pyrolysis mechanism. The formation of oxygenated 
hydrocarbons including ketone and aldehyde, under such oxidative conditions, suggests the 
reaction between oxygen and smaller cracked hydrocarbons (<C16). On the other hand, the 
formation of heavier oxygenated hydrocarbons revealed the occurrence of secondary addition 
reactions. These results clearly make significant contribution to existing work on partial 
oxidation of hydrocarbons under hydrothermal conditions.  
Analysing the experimental tubular reactor, using CFD modelling, discussed in Chapter 7, 
was useful in understanding the radial mass transport effects while estimating produced 
kinetic data. True kinetic data were produced, through tuning the experimental data using the 
first order tubular reactor equation assuming plug flow conditions. Furthermore, this analysis 
showed the conversion profile, reaction rate, concentration and heat transfer within the 
reactor geometry, showing potential benefits of reducing the reactor diameter to maximise 
conversion, and heat transfer. The model was validated by reproducing experimental 
conversion data using tuned rate constants. In addition, a sensitivity analysis of the model 
was undertaken showing the effects of the reactor inlet temperature on the agreement 
between the model results and experimental results.  
Finally, a new subsurface reactor model was developed using Aspen HYSYS which 
extends the thermodynamic analysis of hydrothermal gasification of n-hexadecane, developed 
in Chapter 4, into a real case scenario showing conditions where the process energy and 
gasification efficiency may be maximised. The use of air as an oxidant, instead of pure 
oxygen as done in Chapter 4, was useful in estimating the energy requirements for air 
injection using surface compressors. In addition, the increase in well productivity showed the 
maximum efficiency that may be obtained and it also showed minimum productivity 
threshold required to make underground gasification feasible in terms of energy efficiency. 
This analysis was carried under equilibrium conditions assuming complete conversion of 
hydrocarbons resources. This analysis also showed the potential of utilising redundant 
production wells as packed-bed hydrothermal reactors for conversion of CO into hydrogen 
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via the water gas shift reaction. The integration of kinetic reactors into this model may add 
additional benefits of designing a real case georeactor taking into account the reservoir size 
conversion achieved as fluids travel from injection to production wells.  
This thesis presents new scientific findings which add previous work on hydrothermal 
reforming of hydrocarbons by extending experimental analysis of hydrothermal reforming of 
new heavy hydrocarbon models under noncatalytic conditions, producing new experimental 
and kinetic data for hydrothermal reactor design and modelling, and developing new models 
for thermodynamic, energy/gasification efficiency, and CFD analysis of hydrothermal 
gasification of hydrocarbons.  
 
9.2. Future Work  
The results produced in this work open future opportunities for further investigation and 
analysis in field of hydrothermal conversion of hydrocarbons and its application to downhole 
environment. This further investigation includes effects of other heavy hydrocarbon models 
which simulate different types of heavy oil and the potential of converting such models under 
hydrothermal conditions. The effect of oil composition is also an important further 
investigation and that includes the effects of sulphur and metals contents as well as 
heterocycles contained in crude oil underground. Understanding how such compounds 
behave under downhole hydrothermal conditions and their conversion into both gaseous and 
liquid species is vital before underground gasification of hydrocarbons becomes 
commercially viable. In addition, the potential of achieving in situ separation through 
hydrogenation of such sulphur and metal contents needs to be investigated further. Special 
safety precautions need to be taken in the lab when conducting such experiments involving 
sulphur contents which leads to production of H2S, an extremely toxic gas, which requires 
additional monitoring devices. In addition, potential corrosion of reactor equipment may 
require special materials such as Titanium which may stand corrosion effects under such 
sever hydrothermal conditions. Most studies in the literature reviewed in Chapter 2 made use 
of stainless steel reactors even when handling sulphur compounds.   
Additional experimental investigation also includes the injection of air instead of H2O2. 
This requires integration of air compressors into the continuous flow systems developed in 
this study. The reactivity of air with hydrocarbon needs to be established under such 
hydrothermal conditions.  
CHAPTER 9: Conclusion and Future Work  
185 
 
The use of real crude oil samples is another important future investigation. Understanding 
the conversion of a model compound as established in this study is a good basis for analysing 
the conversion of real crude oil samples. This will be useful in establishing how various 
composition contents interact under hydrothermal conditions. This also makes underground 
gasification of hydrocarbons more challenging compared with underground coal gasification, 
currently under commercial demonstration, due to the presence of various constituents within 
crude oil. Crude oil is not currently a source of hydrogen on itself, as oil refineries process it 
for production of liquid fuels. Underground gasification of hydrocarbons will create a shift in 
alternative cleaner uses of oil at a large scale. New kinetic models for the conversion of such 
complex mixtures need to be developed supported by CFD analysis to support application of 
such conversion processes.   
Integration of Carbon Capture and Storage (CCS) into underground gasification systems 
is vitally important to achieve future low carbon economy. In particular, the subsurface 
model, presented in Chapter 8, may be supplemented by a CCS system in order to enable 
immediate re-injection of CO2 for enhanced oil recovery (EOR) or permanent storage in 
depleted wells. The energy efficiency of the system will then need to be re-analysed to 
minimise energy requirements for CO2 compression.  
Techno-economic assessment and lifecycle analysis of underground gasification systems 
will then need to be investigated which may take into account certain geographical locations 
where such processes may potentially be economically beneficial. Such studies will support 
scale up and commercialisation of this emerging clean technology and support securing its 
position on the agenda of clean development policies.  
Scaling-up and field testing of underground gasification of hydrocarbons will require 
industrial support. The commercial demonstration of THAI, an innovative technology for 
downhole upgrading of heavy oil, in Canada, shows promising trends for successful 
commercialisation of similar downhole processing technologies such as underground 
gasification of hydrocarbons. Industrial support will particularly provide real field data, 
reservoir characteristics, and oil composition data which makes theoretical analysis more 
applicable into real case scenarios while enabling a quicker transition into field trials and 
demonstrations.    
To sum up, this thesis has made new contributions to the field of hydrothermal conversion 
of hydrocarbon resources by producing new data on thermodynamic analysis of n-
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hexadecane, new experimental analysis of hydrothermal reforming of n-hexadecane under 
non-oxidative and oxidative conditions. Experimental analysis was supported by CFD 
modelling which enabled characterisation of reactor flow properties and its effects of mass 
transfer and kinetic data. A new subsurface model for underground gasification of 
hydrocarbons was developed using Aspen HYSYS which enabled analysing the process 
energy and gasification efficiency showing optimum condition for maximising clean energy 
recovery with cogeneration of hydrogen.  
Future work of this work includes investigating the effects of feed composition including 
sulphur and metal contents which exist in real crude oil, to deliver better understanding of 
how various constituents interact under hydrothermal conditions. In addition, analysing the 
energy efficiency of integrating CCS systems complemented with technoeconomic and 
lifecycle analyses is necessary to support commercial application and political adoption of 
underground gasification of hydrocarbons.  
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A.2) Supplementary Data for Chapter 6 
Sample Data for Residence Time Calculations 
 
 
 
 
 
 
 
 
 
 
Reactor T 
oC 
Average 
lnlet T oC P bar 
Vol flow 
ratio of 
Water to 
Oil  
[mL/min] 
Reactor 
Mass 
Density  
g/ml 
Inlet Mass 
Density 
[g/ml] 
Residence 
Time 
[min] 
Residence 
Time  [s] 
 
 
 
Average 
Residence 
Time [s] 
406.5 365.5 220 2to1 1.34E-01 0.503 7.34E-01 44.05  
 
40.58 426.5 366 220 2to1 1.23E-01 0.503 6.76E-01 40.55 
450 364.5 220 2to1 1.13E-01 0.503 6.19E-01 37.15 
 
 
406.5 365.5 220 3to1.5 1.34E-01 0.503 4.89E-01 29.37 
 
 
 
27.06 
 
426.5 366 220 3to1.5 1.23E-01 0.503 4.51E-01 27.03 
450 364.5 220 3to1.5 1.13E-01 0.503 4.13E-01 24.77 
 
 
406.5 365.5 220 4to2 1.34E-01 0.503 3.67E-01 22.02 
 
 
 
20.29 
 
 
426.5 366 220 4to2 1.23E-01 0.503 3.38E-01 20.28 
450 364.5 220 4to2 1.13E-01 0.503 3.10E-01 18.58 
 
 
406.5 365.5 220 5to2.5 1.34E-01 0.503 2.94E-01 17.62 
 
 
 
16.23 426.5 366 220 5to2.5 1.23E-01 0.503 2.70E-01 16.22 
450 364.5 220 5to2.5 1.13E-01 0.503 2.48E-01 14.86 
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A.3) Supplementary Data for Chapter 8 
Set up of the HYSYS Pipe utility to predict change in temperature and pressure drop of a 
injection and production fluids   
 
Figure A.3: Selection of flow correlation of Beggs and Brill 1979  
 
Figure A.4: Specifying pipe dimensions  
 
Figure A.5: Data specified for heat transfer calculations   
 
Figure A.6: Calculations of heat transfer coefficient  
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Sample data* for subsurface system in Chapter 8 (Effects of O/C ratio at W/C = 25):  
Parameter  Effects of O/C Ratio  
Pipe OD/ID (mm) 400/350 400/350 400/350 400/350 
Oil flowrate [bbl/day] 10000 10000 10000 10000 
Oil flowrate [kmol/hr] 226.88 226.88 226.88 226.88 
Reservoir Equilibrium T [oC] 778.11 814.013 874.62 975.27 
wellhead Equilibrium T [oC] 758.18 794.41 854.91 952.90 
wellhead pressure [bar] 196.95 196.69 195.64 191.84 
Air downhole Temperature 
[oC] 615.06 665.03 719.80 767.67 
Air downhole pressure [bar] 228.514 229.27 229.83 229.59 
Steam downhole Temperature 
[oC] 921.45 921.45 921.45 921.45 
Steam downhole pressure bar 231.67 231.67 231.67 231.67 
Energy out Expander I [kW] 
(depends on feed flowrate) 1.08E+04 1.19E+04 1.42E+04 1.84E+04 
Energy out Expander II [kW] 
(depends on feed flowrate) 3.88E+04 4.28E+04 5.06E+04 6.64E+04 
Cooler energy out [kW] 7.49E+04 7.87E+04 8.58E+04 1.00E+05 
Energy in of air compressor I 
[kW] 8.21E+03 1.09E+04 1.64E+04 2.74E+04 
Energy in of air compressor II 
[kW] 2.31E+03 3.08E+03 4.63E+03 7.71E+03 
Energy in of steam 
compressor I [kW] 4.01E+04 4.01E+04 4.01E+04 4.01E+04 
Energy in of steam 
compressor II [kW] 1.03E+04 1.03E+04 1.03E+04 1.03E+04 
Energy of steam generator 
[kW] 7.43E+04 7.43E+04 7.43E+04 7.43E+04 
Oxygen injection flow rate 
[kmol/hr] 340.32 453.75 680.63 1134.37 
steam injection flowrate 
[kmol/hr] 5671.93 5671.9 5671.93 5671.93 
Air flow [kmol/hr] 1376.68 1835.58 2753.37 4588.94 
O/C 1.50 2.00 3.00 5.00 
W/C 25.00 25.00 25.00 25.00 
 
O2 mol% 
 
0.25 0.25 0.25 0.25 
*Data extracted from HYSYS 
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reads 4.2 as set by the pumps, while the titration of NaOH was increased and decreased to 
maintain the pH at a desired value. Using an electric paddle mixer, the solution was aged for 
2 hr, after all nickel sulfate was titrated. It was observed that the decrease in pH became 
significantly slower as the coating process proceeds resulting from the increase in -OH 
concentration, and that indicated the deposition of Ni on the titania nano powder. After that, 
the process was stopped and the solution was removed and filtered using 3 filtration papers, 
placed on a filter connected into a vacuum pump. The solution was washed with deionised 
water during the filtration process in order to remove all remaining sulfate. The filtrate was a 
greenish layer which was collected in a beaker, sealed and dried at 80 oC, for 12 hr. After 
drying the layers were finely ground using an electric grinder, and collected in small bags.  
 
Preparation of Transmission Electron Microcopy (TEM) / EDX Sample) 
A small piece of each collected layer of coated titania was obtained and finely ground 
using a manual grinder. Using a miron size glass tube, some of the titania nanoparticles were 
collected in small vial (5 mL) and diluted in ethanol. The concentration of the nanoparticles 
was kept low that allowing the ethanol solution to be partially transparent and that would 
enable a better TEM imaging. Ethanol-titania solution received ultrasonic treatment for 15 
minute, in order to improve the dispersion of titania nanoparticles in ethanol. After that, using 
the glass tube, approximately five droplets of each sample was dropped on a carbon polymer, 
and dried at 80 oC for 2hr.  
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